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Abstract 
 The demand for renewable forms of energy has increased tremendously over the 
past two decades. Of all the different forms of renewable energy, biodiesel, a liquid 
fuel, has emerged as one of the more viable possibilities. This is in large part due to the 
fact that biodiesel can readily be used in modern day diesel engines with nearly no 
engine modifications. It is commonly blended with conventional petroleum-derived 
diesel but it can also be used neat. 
 As a result of the continued growth of the industry, there has been a 
correspondingly large increase in the scientific and technical research conducted on the 
subject. Much of the research has been conducted on the feasibility of using different 
types of feedstocks, which generally vary with respect to geographic locale, as well as 
different types of catalysts. Much of the work of the present study was involved with 
the investigation of the binary liquid-liquid nature of the system and its effects on the 
reaction kinetics. 
 Initially, the development of an analytical method for the analysis of the 
compounds present in transesterification reaction mixtures using high performance 
liquid chromatography (HPLC) was developed. The use of UV(205 nm) as well as 
refractive index detection (RID) were shown capable to detect the various different 
types of components associated with transesterification reactions. Reversed-phase 
chromatography with isocratic elution was primarily used. 
 Using a unique experimental apparatus enabling the simultaneous analysis of 
both liquid phases throughout the reaction, an experimental method was developed for 
measuring the reaction rate under both mass transfer control and reaction control. The 
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transesterification reaction rate under each controlling mechanism was subsequently 
evaluated and compared. It was determined that the reaction rate is directly proportional 
to the concentration of triglycerides in the methanol phase. Furthermore, the reaction 
rate accelerates rapidly as the system transitions from two phases to a single phase, or 
pseudo-single phase. The transition to a single phase or pseudo-single phase is a 
function of the methanol content. Regardless, the maximum observed reaction rate 
occurs at the point of the phase transition, when the concentration of triglycerides in the 
methanol phase is largest. The phase transition occurs due to the accumulation of the 
primary product, biodiesel methyl esters. Through various experiments, it was 
determined that the rate of the triglyceride mass transfer into the methanol phase, as 
well as the solubility of triglycerides in methanol, increases with increasing methyl ester 
concentration. Thus, there exists some critical methyl ester concentration which favors 
the formation of a single or pseudo-single phase system. 
 The effect of the by-product glycerol on the reaction kinetics was also 
investigated. It was determined that at low methanol to triglyceride molar ratios, 
glycerol acts to inhibit the reaction rate and limit the overall triglyceride conversion. 
This occurs because glycerol accumulates in the methanol phase, i.e. the primary 
reaction volume. When glycerol is at relatively high concentrations within the methanol 
phase, triglycerides become excluded from the reaction volume. This greatly reduces 
the reaction rate and limits the overall conversion. As the concentration of methanol is 
increased, glycerol becomes diluted and the inhibitory effects become dampened. 
 Assuming pseudo-homogeneous phase behavior, a simple kinetic model 
incorporating the inhibitory effects of glycerol was proposed based on batch reactor 
!! 3!!
data. The kinetic model was primarily used to theoretically compare the performance of 
different types of continuous flow reactors for continuous biodiesel production. It was 
determined that the inhibitory effects of glycerol result in the requirement of very large 
reactor volumes when using continuous stirred tank reactors (CSTR). The reactor 
volume can be greatly reduced using tubular style plug flow reactors (PFR). Despite this 
fact, the use of CSTRs is more common than the use of PFRs. This is mostly due to the 
fact that the two initial reactant phases are relatively immiscible and significant 
agitation is generally supplied to initiate the reaction. Based on the theoretical results, 
however, the use of a packed-bed tubular flow reactor was investigated experimentally. 
 A series of two tubular flow reactors was built in the laboratory. The first reactor 
was of the shell and tube variety and also functioned as a preheater. The second reactor 
was larger and contained a packed-bed. Two different flow configurations were 
invested, upflow-upflow and downflow-downflow. It was determined that the 
downflow-downflow configuration provided significantly better triglyceride 
conversions that the upflow-upflow configuration. 
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Chapter 1 
 
 
Biodiesel as a Sustainable  
and Alternative Fuel 
 
 
 
1.1 Introduction 
As global energy consumption continues to rise, the demand for alternative and 
sustainable forms of energy has increased tremendously over the past decade and a half. 
As of 2011, renewable forms of energy accounted for only 9% of the total energy 
consumption in the United States.! 1!  While seemingly small, this number has nearly 
doubled since 2000 and, based on increasing energy demands and new governmental 
regulations, is projected to continue rising.!2! 
Biofuels, which include both biodiesel and cellulosic ethanol, accounted for just 
over one fifth of the total renewable energy consumption in the United States as of 
2011, as can be seen in Fig. 1.1.!1! Of the predominant industries often lumped into the 
alternative energy sector, the biofuels industry has experienced some of the most 
substantial growth over the past decade, also shown in Fig. 1.1.!1!  This is in large part 
due to the increased consumption of these renewable fuels by the transportation sector, 
as can be seen in Fig. 1.2.!1! In 2011, the United States biodiesel industry reached a key 
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milestone by producing more than one billion gallons of fuel.! 1,! 3!  The previous 
production record was 690 million gallons in 2008.!3! Not surprisingly, 2011 was also a 
record-setting year for biodiesel consumption, as seen in Fig. 1.3.  
 One of the major driving forces behind the increased production of biofuels, 
and the subsequent consumption, is new governmental regulations. Under the Energy 
Policy Act of 2005, the Renewable Fuel Standard (RFS) program was developed which 
established the first renewable fuel volume mandate in the United States.!4! At the time, 
the RFS program required that 7.5 billion gallons of renewable fuel be blended into 
gasoline by 2012. The RFS program was then expanded in 2007 under the Energy 
Independence and Security Act (EISA). The EISA expanded the RFS program to 
include diesel as well as gasoline. Additionally, the EISA expanded the required volume 
of renewable fuel to be blended into transportation fuels up to 36 billion gallons by 
2022. As for the ability of the biodiesel industry to meet these requirements, the record-
setting 2011 biodiesel production volume easily exceeded the 800 million gallon mark 
set by the RFS for 2011. The required volume of biomass-based diesel fuel, which 
includes biodiesel, to be blended into petroleum-based diesel fuel in 2012 is set at one 
billion gallons. Pending no setbacks, the industry should have no problem meeting these 
requirements. As the yearly requirement continues to be pushed higher by the EISA, the 
biodiesel industry must continue to grow. 
Another driving force behind the growth of the biodiesel industry is that it has a 
favorable emissions-upon-combustion profile. When compared to petroleum-derived 
diesel fuel, biodiesel emissions have significantly less total unburned hydrocarbons, 
carbon monoxide, and particulate matter; there is a slight increase in nitrous oxide 
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emissions, however.! 5!  The change in the average emission of the just mentioned 
components as a percent of biodiesel content in petroleum diesel can be seen in Fig. 1.4. 
An additional factor contributing to both the success and appeal of biodiesel is 
that it has physical and molecular properties similar to those of No. 2 diesel fuel, the 
standard fuel used in diesel engines. It is similar enough, in fact, that no engine 
modifications are required to run on a standard blend of biodiesel and petro-diesel. To 
better understand why this is so, a brief discussion of what is chemically meant by 
diesel and biodiesel will be given. 
 
1.2 The Chemistry of Diesel Fuels 
1.2.1 Petroleum 
Petroleum, literally rock oil (from Latin: ‘petra’ for rock and ‘oleum’ for oil), 
describes a complex mixture of hydrocarbon-rich fluids that are present in source rocks 
and accumulated in subterranean reservoirs.! 6!  Petroleum can refer to any of the 
following phases: gaseous (natural gas), liquid (crude oil), and solid or semisolid 
(bitumens, asphalt, tars, and pitches). The unrefined or crude oil form of petroleum has 
little or no direct use and its value as a commodity is only realized after its refinement 
into salable products.  
Petroleum refining is the recovery and/or generation of useable fractions and 
products from crude oils, either by distillation and/or chemical reaction.!7!  While there 
are many different forms of crude oil with varying properties, refined crude oil 
generally yields three basic groupings of products based on boiling points. The lower 
boiling products generally include liquefied gas, naphtha, aviation fuel, motor fuel, and 
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other products that can be further used as feedstocks in the petrochemical industry. The 
middle distillates refer to products from the middle boiling range of petroleum and 
include kerosene, diesel fuel, distillate fuel oil, and light gas oil. The remainder of the 
crude oil comprises the higher boiling products, including lubricating oils, gas oil, and 
residuum (used for asphalt production). The average boiling points for these fractions 
and others can be found in Table 1.1.!7!  
 
1.2.2 Diesel 
As mentioned, diesel fuel refers to a fraction of compounds found in the middle 
distillates section of a petroleum refinery process. Compounds in diesel fuel have a 
typical carbon number ranging from C10 – C20 with the majority of compounds in the 
C12 – C15 range.! 6,! 7!  The majority of these compounds fall into the paraffinic, 
naphthenic, or aromatic class of hydrocarbons. Structures of some of the more common 
compounds found in the middle distillates section can be found in Fig. 1.5.! 6!  The 
composition of a typical No. 2 diesel fuel can be found in Table 1.2.!8! As can be seen, 
more than half of the compounds in diesel fuel are of the paraffinic variety.  
 
1.2.3 Biodiesel 
Like petroleum diesel, biodiesel is also a complex mixture of different carbon-
based compounds. However, whereas petroleum diesel is a mixture of hydrocarbons, 
biodiesel refers to a mixture of fatty acid alkyl esters with a carbon number most 
commonly between C10 – C20. The fatty acid alkyl esters comprising biodiesel are most 
commonly produced from triglyceride sources such as vegetable oils, animal fats, waste 
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greases, and oils from microalgae.!9S12!  Chemically, a triglyceride is an ester derived 
from three fatty acid chains and glycerol. The triglycerides from different sources 
(vegetable oils, animal fats, etc.) typically contain several different fatty acids. As a 
result, the fatty acid chains of a given triglyceride may be identical or different, as 
shown in Fig. 1.6.!13!  The different fatty acids contained in the triglycerides comprise 
what is called the fatty acid profile, or composition, of the given oil or fat. Since 
different fatty acids have different chemical and physical properties, the fatty acid 
profile is arguably the most important parameter influencing the properties of a 
vegetable oil or animal fat. As a result, some triglycerides sources are better feedstocks 
for biodiesel production than others.  
Molecularly, the major difference between biodiesel’s fatty acid alkyl esters and 
diesel’s hydrocarbons is the presence of two oxygen atoms in the ester moiety of the 
fatty acid alkyl ester. An additional difference can sometimes be found in the fatty acid 
chain of the fatty acid alkyl ester. By definition, paraffins are saturated hydrocarbon 
species. Depending on the source oil, however, biodiesel can be composed of both 
saturated and unsaturated fatty acid alkyl esters. These two major molecular differences 
are visually shown in Fig. 1.7. As outlined in Table 1.2, typical No. 2 diesel fuel also 
contains some naphthenic and aromatic hydrocarbons. These types of hydrocarbons do 
not exist in what is traditionally termed biodiesel.  
The differences in molecular composition between the two types of diesel fuels, 
while not big enough to require engine modification, do result in slight differences in 
the average available energy content of each fuel. On average, the energy content of 
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biodiesel is 10% less than the energy content in an equal amount of petroleum diesel. 
The average energy content of each type of diesel can be found in Table 1.3. 
 
1.3 Biodiesel Production by the Transesterification of Triglycerides 
The production of biodiesel from triglycerides is most commonly carried out by 
transesterification with a short-chained alcohol, most commonly methanol, in the 
presence of a catalyst. The overall stoichiometry of the transesterification reaction with 
methanol involves one mole of triglycerides reacting with three moles of methanol to 
produce three moles of biodiesel methyl esters and one mole of the by-product glycerol: 
 
Mechanistically, the reaction occurs via three consecutive and reversible 
reactions.!9,!10! In this reaction scheme, a triglyceride first reacts with methanol to yield a 
single methyl ester and a diglyceride species. The diglyceride then reacts with a second 
methanol species to produce a second methyl ester and a monoglyceride. Finally, the 
monoglyceride reacts with the third methanol species to form the final methyl ester and 
the by-product glycerol.  
Many different process parameters can affect both the overall rate of methyl 
ester production as well as the overall triglyceride conversion. The most important 
parameters are the reaction temperature, initial alcohol:oil molar ratio, catalyst 
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concentration, and agitation intensity. Many different temperatures, catalyst 
concentrations, and methods of agitation have been reported. What is common across 
the literature, however, is that a quantity of methanol at least twice the 3:1 
stoichiometric requirement is needed to achieve >95% triglyceride conversions, 
presumably due to the reversibility of the reaction kinetics. !14,!15! 
 
1.3.1 Base-Catalyzed Transesterification 
 Many different basic catalysts have been reported for the transesterification of 
triglycerides for biodiesel production. The most effective of these catalysts are 
homogeneous alkaline metal hydroxides and alkoxides; the most common being sodium 
hydroxide (NaOH), sodium methoxide (NaOCH3), potassium hydroxide (KOH), and 
potassium methoxide (KOCH3).! 15S19!  These homogeneous alkaline catalysts can 
achieve >98% methyl ester yields in less than 10 min of reaction time. As a result, 
homogeneous alkaline catalysts are the most common catalysts used in industrial 
operations.  
Regardless of the alkaline catalyst selected, it is hypothesized that the reaction 
occurs through the formation of methoxide ions via the interaction of the catalyst and 
methanol.!18,!20,!21!  For example, if an alkaline metal hydroxide is selected for use as a 
catalyst, it thought that the hydroxide anion resulting from the dissociation of the 
alkaline metal hydroxide compound abstracts a proton from methanol to produce a 
methoxide ion: 
 CH3OH +OH
− ↔CH3O− +H2O
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If an alkaline metal alkoxide is selected, such as potassium methoxide, the simple 
dissociation of the compound accounts for the production of the methoxide ion: 
 
Once formed, it is hypothesized that the methoxide ion acts as a strong nucleophile and 
attacks one of the carbonyl groups of a triglyceride. This results in the formation of a 
tetrahedral intermediate:!20,!21! 
 
Once formed, the tetrahedral intermediate breaks down into the desired product, the 
fatty acid methyl ester, and a negatively charged diglyceride species: 
 
It should be noted that the nucleophilic methoxide species that initially attacks the 
carbonyl group finishes the reaction located in the methyl ester species: the oxygen 
atom of the methoxide species now forms the basis of the ether linkage within the ester 
group. Therefore, the active catalytic species is consumed during the reaction. Thus a 
new methoxide species must be formed for the reaction to continue. It has been 
KOCH3↔K + +CH3O−
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proposed that the negatively charged diglyceride species abstracts a proton from another 
molecule of methanol forming a neutral diglyceride and a new methoxide ion!20,!21!:  
 
This process is repeated twice more until all three alkyl chains of the original 
triglyceride have been transesterified. Upon transesterification of the final alkyl chain 
process liberates the glycerol-backbone of the original triglyceride species yielding the 
by-product glycerol. 
 
1.3.2 Acid-Catalyzed Tranesterification 
Fatty acid methyl esters can also be produced by the transesterification of 
triglycerides with acidic catalysts, most commonly sulfuric acid (H2SO4).! 15,! 19,! 20,! 22! 
Many other homogeneous acid catalysts have also been reported. 23, 24  Due to the fact 
that acid-catalyzed transesterification proceeds at a rate approximately 4000 times 
slower than base-catalyzed transesterification, the acid-catalyzed process is significantly 
less common in commercial applications. This is hypothesized to be a result of 
fundamental differences in the reaction mechanism between the two reactions.! 20! 
Whereas the formation of an alkoxide ion is responsible for initiating base-catalyzed 
transesterication, acid-catalyzed transesterification first involves the protonation of a 
carbonyl oxygen of a glyceride: 
!! 13!!
 
This increase the electrophilicity of the adjoining carbon atom making it more 
susceptible to nucleophilic attack, upon which results in the formation of a tetrahedral 
intermediate: 
 
Following proton migration, the tetrahedral intermediate breaks down yielding a fatty 
acid methyl ester and the catalytic H+ ion: 
 
This process is then repeated twice more until three methyl esters have been produced 
and the glycerol by-product is released. 
 Comparing the first step of the base-catalyzed and acid-catalyzed 
transesterification reaction mechanisms helps explain why the acid-catalyzed reaction 
proceeds so much slower. In acid-catalysis, the formation of a more electrophilic 
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species, which then has to wait to be attacked, is responsible for initiating the reaction. 
In base-catalysis, however, the formation of a strong nucleophilic species, which then 
directly attacks the carbonyl groups, is responsible for initiating the reaction.!20! 
 
1.3.3 Additional Methods of Transesterification 
Despite providing faster reaction kinetics, the primary drawback of using 
homogeneous catalysts is that the catalyst cannot be recovered and recycled for reuse. 
As a result, much research has been carried out to determine the effectiveness of various 
solid catalytic materials for biodiesel production. The vast majority of heterogeneous 
materials thus far capable of carrying out the transesterification of triglycerides are 
basic in nature as they most commonly utilize alkaline and alkaline-earth metals. 
Potassium carbonate (K2CO3), sodium carbonate (Na2CO3), sodium phosphate 
(Na3PO4), calcium oxide (CaO), and calcium methoxide (Ca(OCH3)2) were shown to 
achieve >90% oil conversions.! 25S27!  Some of these inorganic compounds, such as 
K2CO3 and CaO, showed moderate solubility in methanol, however, and a portion of 
their catalytic activity was concluded to be due to a homogeneous contribution.!25,!28!  
Other more complex solid materials, such as NaX faujasite zeolite, ETS-10 
zeolite, Na-based mixed metal oxides, and K-loaded Al2O3 have been studied as 
possible heterogeneous catalysts.!29S32! Both sodium- and potassium-exchanged ETS-10, 
a microporous inorganic titanium-containing zeolite with very high cation-exchange 
capabilities, was shown to be capable of achieving >90% conversion of triacetin at 60°C 
in 4 hours of reaction time.! 30!  While often capable of achieving satisfactory 
conversions, heterogeneous catalysts for transesterification reactions generally provide 
!! 15!!
slow reaction kinetics, mostly likely due to slow adsorption processes. Thus, at this 
point in time they are seldom used in industrial applications. 
Enzymatic catalysts, such as Pseudomonas fluorescens lipase, Candida 
antarctica lipase, Novozym 435 lipase, and Lipozyme TLIM lipase, were all shown to 
be effective at catalyzing the transesterification of triglycerides.! 33S35!  Enzymatic 
catalysts are relatively expensive, however, and are seldom used in industry. 
Additionally, many enzymes are unstable in organic solvents and quickly degrade in the 
presence of methanol. The step-wise addition of small quantities of methanol 
throughout the reaction is sometimes required to keep the enzyme from denaturing.!34! 
Furthermore, reaction times as long as 24 hr are required to achieve >90% triglyceride 
conversions.  
The transesterification of triglycerides in various supercritical alcohols, most 
commonly methanol, have also been reported.!36S38! This process is unique in that it does 
not require the use of catalyst and can achieve high triglyceride conversions in as little 
as 6 minutes. There are major drawbacks to using supercritical processing, however, as 
methanol does not enter the supercritical state until pressures greater than 8.09 MPa and 
temperatures greater than 239.4°C are reached.! 36!  This results in high energy costs 
associated with the process. Additionally, when reaction conditions exceeded 350°C, 
methyl esters begin to decompose and isomerize which results in reduced yields.!39! To 
help reduce the severity of the high operating conditions, co-solvents, such as propane, 
were added to the supercritical methanol and reduced the optimal operating temperature 
from 350°C to 280°C. !40! 
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1.4 Biodiesel Production by the Esterification of Free Fatty Acids 
 The transesterification of triglycerides is not the only method for producing fatty 
acid alkyl esters. Another method for methyl ester synthesis is via the esterification of 
free fatty acids with a short chain alcohol, generally methanol, in the presence of an 
acidic catalyst. If basic catalysts are used, the free fatty acids irreversibly react with the 
base to form fatty acid salts, i.e. soaps, through saponification reactions.! 9,! 16!  This 
greatly reduces methyl ester yields and complicates glycerol recovery. The formation of 
soap compounds does not occur, however, when acidic catalysts are used. 
Stoichiometrically, one mole of free fatty acids reacts with one mole of methanol 
producing one mole of fatty acid methyl esters and one mole of water as a by-product. 
The general reaction can be written as: 
 
  Esterification reactions are important when waste cooking oils and animal fats, 
which often have high free fatty acid concentrations, are used as triglyceride feedstocks. 
As mentioned, basic catalysts cannot be used in the presence of free fatty acids because 
of saponification reactions; thus acidic catalysts must be used. Additionally, it was also 
shown that acidic catalysts can also promote the transesterification of triglycerides. 
Thus, under the right conditions, it would seem that an oil feedstock with a high free 
fatty acid concentration could be completely converted to biodiesel methyl esters using 
acidic catalysts via simultaneous esterification/transesterification. In reality, however, 
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when the free fatty acid content of a triglyceride feedstock exceeds 5% by weight, the 
triglyceride conversion from acid-catalyzed transesterification is greatly reduced.! 22! 
Thus, while simultaneous esterification/transesterification catalyzed by acidic catalysts 
is possible, 100% methyl ester yields are generally unobtainable. 
To overcome the difficulties associated with the processing of oils with high free 
fatty acid concentrations, a two-step esterification/transesterification process is 
commonly carried out.!41!  Acid-catalyzed esterification of the free fatty acids is carried 
out first. Converting all the free fatty acids in a triglyceride feedstock to methyl esters 
has the effect of reducing the acidity of the feedstock.!42,!43!  After removing the water 
formed as the by-product of the esterification reaction, the remaining triglycerides can 
then be converted to methyl esters by base-catalyzed transesterification. 
 
1.4.1 Ion-Exchange Resins as Heterogeneous Acidic Catalysts for Esterification 
The most common catalysts for free fatty acid esterification are ion-exchange 
resins such as Amberlyst 15, Amberlyst 16, Amberlyst 131, Relite CFS, and Dowex 
Monosphere 88, which have all been shown to be effective heterogeneous catalysts 
promoting the esterification of free fatty acids to fatty acid methyl esters.!42S46!  These 
resins presumably work in similar ways as they all have sulfonic-based functional 
groups. 
 
1.4.2 Enzyme-Catalyzed Hydrolysis and Esterification  
An additional two-step process involving free fatty acid esterification for methyl 
ester synthesis has also been proposed.!46!  This process first involves the hydrolysis of 
!! 18!!
triglycerides in the presence of an enzymatic catalyst, such as lipase from Candida 
rugosa, to yield free fatty acids. Next, acid-catalyzed esterification of the resulting free 
fatty acids is carried out using acidic ion-exchange resins. 
 
1.5 Phase Behavior of Transesterification Reactions 
 One of the most important process parameters affecting the methyl ester 
production rate and overall yield is the agitation speed or mixing intensity. This is 
because when methanol is selected as the alcohol, the system exists as two distinct 
liquid phases: the nonpolar triglyceride-rich oil phase and the polar alcohol phase. At 
modest reaction temperatures, the solubility between the two phases is relatively low 
and, therefore, significant mixing is required to emulsify the system and increase the 
surface area between the two phases. 
In one of the first thorough reports on the kinetics of transesterification 
reactions, Freedman et al. showed that the transesterification of soybean oil with 
methanol catalyzed by sodium methoxide (methanolysis) proceeded slower than the 
transesterification of soybean oil with butanol catalyzed by sodium butoxide 
(butanolysis).!19!  Not only did the methanolysis proceed slower, but also a lag in the 
methyl ester production was observed. No explanations of these results were given at 
the time, however.  
The results of this experiment were re-evaluated about a decade later by 
Boocock et al.!47!  The data from the original work was adapted so that the difference 
between the rates of methanolysis and butanolysis can be better compared; this is shown 
in Fig. 1.8. The difference between the two reaction rates was attributed to the 
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differences in the physical nature of the initial reaction mixtures.! 47!  The butanol-
soybean oil system is completely miscible at the experimental reaction temperature 
whereas the methanol-soybean oil system is a biphasic liquid-liquid system. It was 
hypothesized that there exists significant mass transfer limitations in the two-phase 
methanol-soybean oil system that results in a reduced reaction rate as compared to the 
single-phase butanol-soybean oil system. As a result, Boocock et al. went on to show 
that using tetrahydrafuran (THF) as a co-solvent creates a single-phase mixture between 
the soybean oil and methanol. This eliminated the initial lag in the methyl ester 
production.!47,!48! Other co-solvents have also been used to similar effects.!49,!50! 
 Building on the work of Boocock et al., Noureddini and Zhu hypothesized that 
the transesterification reaction rate of the biphasic methanol-soybean oil system 
transitions from an initially slow mass transfer controlled regime to a kinetically faster 
reaction controlled regime.!14! They showed that at low mixing speeds the methyl ester 
production curve displays a sigmoidal, or s-shaped, curve indicative of the transition 
from mass-transfer control to reaction-control. Additionally, they showed that if the 
agitation intensity is high enough then the initial lag in methyl ester production due to 
the mass transfer limitations is eliminated. Their results are shown in Fig. 1.9. They 
proposed that the cause of the transition from mass-transfer control to reaction-control 
is the production of methyl esters, which act as a mutual solvent for the two reactants. 
Other reports have also investigated the influence of agitation intensity on the 
transesterification reaction rate.!51S53! Similar results were observed.   
 To further investigate what they termed they “autocatalytic” behavior of 
transesterification reactions, Stamenković et al. designed experiments to monitor the 
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mean drop diameter and drop size distribution as a function of agitation intensity 
throughout the transesterification of sunflower oil with methanol.!54! They found that the 
mean drop size rapidly decreases during the period of fast reaction. At the lowest 
agitation speed studied, which resulted in an initial mean drop size of approximately 
1000 µm, they found that the mean drop size was reduced to about 60 µm over the 
course of the reaction. The reduction in mean drop size increases the total surface area 
of contact between the two phases enhancing the subsequent mass transfer. Whereas 
Noureddini and Zhu hypothesized that the transition to a kinetically faster reaction 
controlled regime is a result of the methyl ester formation, Stamenković et al. 
hypothesize the kinetically fast regime results from the formation of surface active 
compounds such as diglycerides, monoglycerides, and soaps. As these compounds are 
natural emulsifying agents, they inhibit drop coalescence and favor the formation of a 
stable emulsion of small droplets. A similar explanation was also provided by Boocock 
et al.!55! 
It should be noted, however, perhaps with the exception of the work done by 
Stamenković et al., that many of the hypotheses put forward describing the phase 
behavior of these systems have been mostly qualitative in nature. The hypothesis 
describing the transition from mass transfer control to reaction control is based, more or 
less, on the fact that the rate of methyl ester production has a sigmoidal shape. Other 
authors have interpreted this as more of an autocatalytic type of behavior.! 54,! 56! 
Unfortunately, the terms mass transfer control and reaction control have never been 
clearly defined for transesterification reactions. As a result, many possible alternative 
explanations have been presented. 
!! 21!!
1.6 Kinetics of Transesterification Reactions 
 Due to the complicated biphasic nature of the transesterificaiton reaction system, 
coupled with the complex mixture of compounds associated with triglycerides and the 
resulting methyl esters, kinetic modeling can be difficult. Not surprisingly, the literature 
contains many different kinetic models for transesterification reactions. 
 
1.6.1 Second-Order Bimolecular-Type Kinetics 
The most prevalent kinetic model, initially presented by Freedman et al. and re-
evaluated by Noureddini and Zhu, is based on three consecutive and reversible 
reactions.!14,!19!  To generalize, a triglyceride species (TG) first reacts with the alcohol 
(ROH, R = CH3, (CH3)2, (CH3)3,  etc.) to produce a fatty acid alkyl ester (RiCOOR; Ri = 
fatty acid chain of triglyceride) and a diglyceride (DG). The diglyceride then proceeds 
to react with another alcohol molecule to form a second alkyl ester and a monoglyceride 
(MG). Finally the monoglyceride reacts with a final molecule of the alcohol to form a 
third alkyl ester and the by-product, glycerol (GL): 
 
Mathemetically, the second-order bimolecular-type kinetic rate equations associated 
with these reactions can be written according to: 
 
TG + ROH ↔
k−1
k1  DG + R1COOR
DG + ROH ↔
k−2
k2  MG + R2COOR
MG + ROH ↔
k−3
k3  GL + R3COOR
dcTG
dt = −k1cTGcA + k−1cDGcME
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where , , and  represent the forward rate constants; , , and  represent 
the reverse rate constants; and , , , , , and 
 
represent the overall 
concentrations of triglycerides, diglycerides, monoglycerides, methyl esters, alcohol, 
and glycerol, respectively.  
 Freedman et al. noticed a good fit of the above kinetic equations with the data 
obtained for the transesterification of soybean oil with butanol at a 6:1 butanol:soybean 
oil molar ratio catalyzed by sodium butoxide. When analyzing the transesterification of 
soybean oil with methanol, however, the data for the 6:1 reaction catalyzed by sodium 
methoxide was found to deviate away from the second-order bimolecular-type kinetics. 
Experimentally, they noticed that methyl esters were formed rapidly without a 
corresponding rapid increase and subsequent decrease of the diglyceride and 
monoglyceride concentrations, as is be expected from the kinetic model. To account for 
this rapid formation of methyl esters, they added a shunt-reaction mechanism, in which 
three molecules of methanol directly attack and react with a triglyceride: 
dcDG
dt = k1cTGcA − k−1cDGcME − k2cDGcA + k−2cMGcME
dcMG
dt = k2cDGcA − k−2cMGcME − k3cMGcA + k−3cGLcME
dcME
dt = k1cTGcA − k−1cDGcME + k2cDGcA − k−2cMGcME + k3cMGcA − k−3cGLcME
dcA
dt = −
dcME
dt
dcGL
dt = k3cMGcA − k−3cGLcME
k1 k2 k3 k−1 k−2 k−3
cTG cDG cMG cME cA cGL
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 The addition of the reversible shunt-reaction mechanism augments some of the rate 
equations previously outlined. Specifically, the rate laws describing the concentration of 
triglycerides, methyl esters, alcohol and glycerol are affected according to: 
 
 
 
 
When re-evaluating the kinetics of this system, Noureddini and Zhu concluded that 
inclusion of the shunt-reaction mechanism is not necessary, however. 
 
1.6.2 Pseudo-First Order Kinetics 
Freedman et al. also also studied the transesterification of soybean oil with high 
molar ratios of alcohol: oil (30:1).!19! At these conditions, they noticed that pseudo-first 
order kinetics best fit the data. This is presumably due to the fact that the concentration 
of alcohol changes very little over the course of the reaction. Consequently, the term 
representing the concentration of the alcohol can be lumped into the term for the rate 
constant, such that . 
 
TG + 3CH3OH ↔k−4
k4  GL + 3RCOOCH3
dcTG
dt = −k1cTGcA + k−1cDGcA − k4cTGcA
3 + k−4cGLcME3
dcME
dt = k1cTGcA − k−1cDGcME + k2cDGcA − k−2cMGcME + k3cMGcA − k−3cGLcME
        + k4cTGcA3 − k−4cGLcME3
dcA
dt = −
dcME
dt
dcGL
dt = k3cMGcA − k−3cGLcME + k4cTGcA
3 − k−4cGLcME3
kobs = kcA
!! 24!!
1.6.3 Second-Order Monomolecular-Type Kinetics 
 Second-order monomolecular-type kinetics with irreversible reactions has also 
been proposed for the transesterification of palm oil.! 57!  The proposed rate law was 
second order with respect to the glyceride components. As an example, the rate law 
describing the consumption of triglycerides was of the form: 
 
This model provided reasonable fits for the transesterification data with 6:1 methanol to 
oil molar ratio, KOH catalyst loading at 1 wt.% of the soybean oil, and temperatures 
between 50°C and 65°C. 
 
dcTG
dt = −k1cTG
2
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Figure 1.4 Average biodiesel emissions relative to petroleum-based diesel fuel: NOx: 
Nitrous oxides; PM: particulate matter; HC: hydrocarbons; CO: carbon monoxide 
(reprinted from U.S. EPA report EPA420-P-02-001).!5!  
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Figure 1.5 Structures of various compounds among the middle distillates (reprinted 
from Kirk Othmer Encyclopedia of Chemical Technology; copyright John Wiley & 
Sons).!6! 
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Figure 1.6 Typical chemical structure of a triglyceride with (a) 3 identical fatty acid 
chains and (b) three different fatty acid chains (reprinted from Soucek et al. Progress in 
Organic Coatings. 73, 2012; copyright Elsevier). !13! 
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Figure 1.7 Molecular comparison between a common biodiesel compound (methyl 
oleate) and a common diesel compound (octadecane). 
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Figure 1.8 Comparison of methanolysis and butanolysis of soybean oil triglycerides 
(Alcohol:oil molar ratio = 6:1). Reprinted from Freedman et al. JAOCS. 63, 1986; 
copyright AOCS Press.!19! 
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Figure 1.9 The effect of mixing intensity on the overall rate of methyl ester production: 
(!) NRe = 3,100; (!) NRe = 6,200; () NRe = 12,400; (") NRe = 18,600 (T = 50°C; 
Methanol:Soybean oil = 6:1; KOH = 0.2 wt.% soybean oil). Reprinted from Noureddini 
and Zhu. JAOCS. 74, 1997; copyright AOCS Press.!14! 
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Table 1.1 Common petroleum distillation fractions.!7! 
 
Fraction Boiling Point (°C) 
Light naphtha -1 to 150 
Gasoline -1 to 180 
Heavy naphtha 150 to 205 
Kerosene 205 to 260 
Stove oil 205 to 290 
Light gas oil 260 to 315 
Heavy gas oil 315 to 425 
Lubricating oil >400 
Vacuum gas oil 425 to 600 
Residuum >600 
  
!! 35!!
Table 1.2 Typical composition of No. 2 diesel fuel.!8! 
 
Hydrocarbon Type Volume (%) 
Paraffins 55 
Naphthenes 12 
Olefins 5 
Aromatics 24 
Residuals 4 
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Table 1.3 Difference in energy content between petroleum diesel and biodiesel.!5! 
 
Diesel Type Energy Content (Btu/gal) 
Percent 
Difference 
Petroleum Diesel 129,500 - 
Biodiesel (Animal) 115,720 -10.6 
Biodiesel (Plant) 119,216 -7.9 
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Chapter 2 
 
 
Objectives and Approach 
 
 
 
 Given the complicated nature of the biphasic transesterification reaction system, 
it is not surprising there exist different interpretations of the phenomena associated with 
the dynamic phase behavior of the reaction system. Furthermore, many of the 
hypotheses in regards to the basic phase behavior of the reaction are qualitative and lack 
sufficient data to justify the claims made. The primary objectives of the current study 
are therefore twofold: (1) to solidify the understanding of the dynamic phase behavior 
of the biphasic transesterification reaction systems and (2) to utilize the natural phase 
behavior of the reaction system for the development of a tubular packed-bed reactor for 
continuous biodiesel production. 
 The approach taken to achieve these objectives consisted of the following steps: 
(1)  Develop an analytical technique for the analysis of the various 
components present in transesterification reaction mixtures using high 
performance liquid chromatography (HPLC). 
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(2)  Design a simple experimental apparatus for use in the collection of 
transesterification reaction data that can provide insight into the 
fundamental nature of the biphasic system.  
 
(3) Rigorously apply definitions to mass transfer control and reaction 
control for transesterification reactions; develop a method to determine 
which regime is controlling at any given time t; and obtain reaction data 
under each controlling mechanism for comparison.  
 
(4) Solidify the understanding of the effects the by-product glycerol has on 
the reaction kinetics. 
 
(5) Develop a simple pseudo-homogeneous kinetic model enabling the 
theoretical comparison of the efficiency of different chemical reactors 
for continuous biodiesel production. 
 
(6) Design a tubular reactor with the objective of continuous biodiesel 
production. 
 
 
!! 39!!
 
 
Chapter 3 
 
 
Quantitative Analysis of Transesterification 
Reaction Mixtures by High Performance 
Liquid Chromatography 
 
 
 
3.1 Introduction 
Regardless of the feedstock used or the transesterification/esterification process 
employed, the final product must meet the requirements of biodiesel fuel standards, 
which have recently been established in both the United States (ASTM D6751) and 
Europe (EN14214). Both standards specify the tolerable limits of free and bound 
glycerol (i.e. mono-, di- and triglycerides) allowed in the final biodiesel product. The 
limits set by each standard can be found in Table 3.1.!58,!59! Residual glycerol, both free 
and bound, has been shown to aversely affect engine performance and emission 
properties of the fuel.! 60!  All things considered, a reliable and sensitive analytical 
method is needed to quantify the tri-, di-, and monoglycerides as well as free glycerol in 
a biodiesel sample. 
High temperature capillary gas chromatography (GC) is widely used and forms 
the basis for the ASTM D6584 and EN14105 protocols for determining total glycerol 
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related compounds in biodiesel.!60,!61!  These chemical test methods outline procedures 
for sample preparation, instrument configuration, operating conditions, and reporting. 
The best advantage of the standardized GC methods is the use of flame ionization 
detectors (FID). The response of these detectors is linear and proportional to the number 
of carbon atoms in the molecule.! 62!  Despite being the current industry standard 
however, biodiesel analysis by GC requires samples to be derivatized before analysis to 
improve the constituents’ volatility as well as reduce their reactivity to therefore make 
the GC method feasible.! 60,! 62,! 63!  Complicating the derivatization procedure is the 
derivatizing agent, N-Methyl-N-(trimethylsilyl)trifluoroacetamide (MSTFA). According 
to the material safety data sheet (MSDS) for MSTFA, this compound can cause serious 
health issues, is extremely flammable, and reacts violently with water.!64! In addition to 
the derivatization of the nonvolatile species, oven temperatures as high as 350°C are 
specified to assist these species in reaching the gas phase. Oven temperatures this high 
can quickly reduced the life of a given gas chromatography column.!65!  Furthermore, 
both standardized methods ASTM D6584 and EN14105 were only developed for 
biodiesel produced from vegetable oils such as rapeseed, soybean, sunflower, and palm. 
When biodiesel is produced from less common sources, such as oil with high lauric acid 
content, e.g. coconut and palm kernel oil, these methods are not suitable.! 60!  High 
performance liquid chromatography (HPLC) makes feasible the direct analysis of all 
biodiesel components without the need for sample derivatization.!61-63,!65,!66!  This can 
help reduce both the cost of analysis as well as the analysis time. Since HPLC forms a 
substantial portion of the analytical techniques employed throughout this study, a brief 
review of the basic principles is given.  
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3.1.1 Principles of High Performance Liquid Chromatography 
 A schematic of a basic HPLC system, obtained from Snyder et al., is shown in 
Fig. 3.1.! 67!  As can be seen, the solvent, more commonly referred to as the mobile 
phase, is pumped from the solvent reservoir through the column and ultimately on to 
the detector. After the sample is injected, separation of the constituents occurs within 
the column, and, when the constituents are finally eluted from the column, they pass 
through the detector for analysis. While there are many different modes of HPLC, the 
most predominant is called reversed-phase chromatography, which is characterized by 
the use of a nonpolar column in combination with a polar mobile phase consisting of a 
mixture of water and an organic solvent. A very similar mode is non-aqueous reversed-
phase chromatography (NARP), which involves a nonpolar column in combination 
with a mobile phase consisting of a mixture of two organic solvents.  
 The column generally consists of a cylindrical tube typically filled with 1.5 to 5 
µm spherical particles, as shown schematically in Fig. 3.2(a).! 67!  In most cases, the 
particles are porous silica. When small-molecule samples (i.e. molecular weights <1000 
Da) are analyzed, the typical pore size is on the order of 10 nm. Additionally, the inside 
of each pore is covered with the stationary phase, which can be a nonpolar or polar 
material. A schematic representation of the current style of porous particles used in 
HPLC columns is shown in Fig. 3.2(b).! 67!  Each particle is actually formed by 
aggregating smaller, spherical subparticles and the pores are formed by the void spaces 
left between each subparticle. As a result, the internal surface area of the particle 
accounts for >99% of the total surface area. Thus, the external surface area, and its 
effect on separation, is, in most cases, negligible. The mobile phase surrounds each 
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particle as it flows through the column and sample molecules enter the pores by 
diffusion. There is normally no significant flow of the mobile phase through the 
particles. When the composition of the mobile phase remains constant throughout the 
entire chromatographic run, it is called isocratic elution. When the composition of the 
mobile phase is changed during a run, it is referred to as gradient elution. 
 When the sample is injected into the column, it is carried through by the mobile 
phase. In reversed-phase chromatography, polar molecules interact more strongly with 
the polar mobile phase and, as a result, are less retained and leave the column first. Less 
polar compounds prefer the nonpolar stationary phase and are retained for longer 
periods of time. Thus molecules of similar size are eluted in reversed-phase 
chromatography in order of decreasing polarity.!67! When each component finally leaves 
the column it passes through the detector and a peak is recorded. Plotting the detector’s 
response versus time generates a sample chromatogram. Each peak of the 
chromatogram corresponds to a different component eluting the column. An example of 
this separation process and a sample chromatogram are shown in Fig. 3.3!67! 
 Retention in reversed-phase chromatography, whether aqueous or non-aqueous 
based, is largely the result of subsequent interactions between a solute molecule and 
molecules of the mobile phase and stationary phase. The most commonly cited retention 
mechanism is Horvath’s solvophobic interaction model, which states that hydrophobic 
solute molecules prefer to adhere to the hydrophobic alkyl ligands – called hydrophobic 
retention.!67! This sort of interaction assumes that the solute molecule aligns with and is 
attached to a ligand group within the stationary phase. A second possible type of solute-
stationary phase interaction is referred to as adsorption, which implies that a solute 
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molecule does not penetrate into the stationary phase but is retained at the interface 
between the stationary and mobile phases. Schematic representations of both of these 
types of interactions are shown in Fig. 3.4. 
 
3.1.2 Application to Transesterification Reaction Mixtures 
As mentioned, HPLC makes feasible the direct analysis of all biodiesel 
components without derivatization. Numerous detection methods have been suggested 
for analyzing transesterification reaction mixtures ranging from ultraviolet (UV) or 
fluorescence detection, density detection, flame ionization detection (FID), refractive 
index detection (RID), evaporative light scattering detection (ELSD), and mass 
spectrometric detection. Many HPLC methods for biodiesel analysis have focused on 
gradient elution profiles.! 62,! 63,! 65!  One of the most common and variable HPLC 
techniques is based on a linear ternary gradient consisting of aqueous-organic and non-
aqueous mobile phase steps: 70% acetonitrile + 30% water at 0 minutes, 100% 
acetonitrile at 10 minutes, 50% acetonitrile + 50% isopropyl-hexane (5:4, v/v) at 20 
minutes followed by 5 minute isocratic elution of the latter mixture.!63!  Detection was 
achieved using a UV detector set at 205 nm. This method provides good separation of 
many components found in biodiesel mixtures. 
Using similar mobile phases, Di Nicola et al. optimized a binary gradient 
method for analyzing biodiesel mixtures.!65!  Five different parameters were optimized 
including total flow rate, gradient start time, gradient end time, compositions of mobile 
phases in the gradient, and the mixing proportion of the two components in the non-
aqueous mobile phase. It was determined that the best gradient profile consisted of 
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acetonitrile-methanol (4:1, v/v) at 0 minutes to 2.2 minutes, then from 2.2 minutes to 
25.5 minutes a linear gradient up to 34% acetonitrile:methanol (4:1, v/v) + 66% n-
hexane:isopropanol (8:5, v/v), followed by isocratic elution to 30 minutes. The optimal 
flowrate was determined to be 1.3 mL/min. Detection was achieved using a UV detector 
set at 210 nm. 
While each of the above methods employing gradient elution has been 
successful in their ability to separate the components of biodiesel mixtures, they have 
all focused solely on UV detection. One drawback to using UV detection for analyzing 
transesterification reaction mixtures is that, depending on the triglyceride source, some 
constituent species may contain saturated carbon chains. Species with saturated carbon 
chains provide very weak UV detection.! 68!  A list of common oils used as biodiesel 
feedstocks and their fatty acid composition can be found in Table 3.2. Soybean oil is 
commonly used as a feedstock in the United States, and, as can be seen, can contain up 
to 16% by mass species that contain saturated carbon chains. Furthermore, palm oil is 
commonly used as a feedstock in tropical regions and can contain greater than 50% by 
mass species with saturated carbon chains. To improve the sensitivity of detection of the 
saturated species, fatty acid derivatives can be formed.!68!  While useful, this procedure 
still requires the samples to be derivatized prior to analysis. 
A better alternative to overcome the absorbance problems associated with the 
UV detection of saturated species is to use refractive index detectors. These detectors, 
however, cannot be used with gradient elution and therefore isocratic elution must be 
used.! 67!  The analysis of biodiesel mixtures using an RID has been shown effective 
using size-exclusion chromatography.!69!  When analyzing a transesterification reaction 
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mixture using this procedure, up to five peaks may be present, each one corresponding 
to methyl esters, monoglycerides, diglycerides, triglycerides, and glycerol, respectively. 
This method proves adequate for validating biodiesel samples against the requirements 
set by the ASTM D6751 or EN14214 standards, however it provides no information 
about individual chemical species present in a given sample. 
Since biodiesel is produced from a variety of oil feedstocks with varying fatty 
acid content, a successful HPLC method(s) must be capable of separating a variety of 
different types of molecules ranging from glyceride-bound species, methyl esters, and 
free fatty acids. In this chapter, a series of simple non-aqueous reversed-phase HPLC 
methods are presented which utilize isocratic elution, refractive index detection (RID), 
and ultraviolet detection (UV) that are capable of separating and detecting any type of 
species present in transesterification reaction mixtures. To illustrate, chromatograms of 
both standard chemical species as well as experimentally derived species are used for 
analysis. 
 
3.2 Experimental Procedures 
3.2.1 Materials 
Refined soybean oil was purchased from Sigma-Aldrich and used as the 
triglyceride standard. Commerical B100 biodiesel was purchased from a local BP 
distributor (Hamburg, PA) and was used as a standard methyl ester mixture. 
Additionally, the individual methyl ester standards methyl palmitate, methyl stearate, 
and methyl linoleate were purchased from Sigma-Aldrich. The standards methyl 
myristate, methyl oleate, and methyl linolenate were synthesized from myristic, oleic 
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and linolenic acids, respectively. A monoglyceride standard mixture, containing 1-
monoolein, 1-monopalmitin, and 1-monosterin was also purchased from Sigma-Aldrich. 
Free fatty acid standards were obtained from the following suppliers: myristic acid, 
palmitic acid, and stearic acid, Sigma-Aldrich; oleic acid, linoleic acid, and linolenic 
acid, Fluka Analytical. HPLC grade acetonitrile and 2-propanol were purchased from 
Sigma-Aldrich. Reagent grade methanol, from by Pharmco-Aaper (Brookfield, CT), 
was purchased from the local university chemistry supply store. Potassium hydroxide 
pellets, made by Sigma-Aldrich, were obtained from local chemical storage. 
 
3.2.2 HPLC Instrumentation 
HPLC analyses were performed with an Agilent Technologies 1200 Series 
HPLC equipped with a vacuum degasser, quaternary pump, auto-sampler, temperature 
controlled column compartment, UV detector, and refractive index detector. Separations 
were obtained with a ZORBAX Eclipse XDB-C18 column (150 X 4.6 mm, I.D., 5 µm).  
HPLC Method 1 consisted of isocratic elution with a mixture of 50% methanol 
and 50% 2-propanol at a flowrate of 1.0 mL/min. This method was selected primary for 
rapid analysis of triglycerides however it has the capability to analyze biodiesel methyl 
esters as well. 
HPLC Method 2 consisted of isocratic elution with 85% acetonitrile (ACN) and 
15% deionized water (DI H2O). This method provides complete resolution of individual 
biodiesel methyl ester compounds. Additionally, this method can be used to analyze 
free fatty acids as well as monoglycerides. 
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HPLC Method 3 consisted of isocratic elution with 100% methanol at a flowrate 
of 1.0 mL/min. This method was selected for analyzing diglyceride compounds. 
Additionally, HPLC Method 2 provides better resolution of individual monoglyceride 
and biodiesel methyl ester compounds than HPLC Method 1.  
The column temperature was maintained at 35°C for all methods. For 
comparison, detection was carried out using both UV and RID. As mentioned, 
acylgylcerols and methyl esters do not absorb in the UV region at wavelengths higher 
than 220 nm, therefore a wavelength of 205 nm was chosen for detection. 
 
3.2.3 Sample Preparation 
Stock solutions (20 mg/mL) of all individual standard species (methyl esters, 
free fatty acids) as well as the standard mixtures (commercial B100, soybean oil 
triglycerides, monoglycerides) were prepared in 2-propanol. Further dilutions were 
carried out to prepare 1.0, 0.5, 0.25, and 0.125 mg/mL solutions. 10 µL of the latter 
solutions were injected into the HPLC for analysis. 
 
3.2.4 Transesterification of Soybean Oil Triglycerides 
For reasons to be discussed shortly, it was necessary to perform preliminary 
transesterification experiments in addition to the analysis of pure model compounds. 
The reaction was carried out in a jacketed glass vessel maintained at 60°C using a 
Haake G constant temperature water bath equipped with a recirculating pump. A 
methanol to soybean oil triglyceride molar ratio of 6:1 was used; the catalyst loading 
was equivalent to 1.0 wt.% of the oil; and the mixing was 540 RPM, sufficient for 
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complete emulsification of the reactants. First, a known mass of soybean oil 
triglycerides, preheated to the reaction temperature, was fed to the reactor. Then, the 
appropriate amount of methanol/KOH mixture was added; this was taken as t = 0 
minutes. Samples were withdrawn at various intervals, quenched with 1.0 M HCl 
solution to neutralize the catalyst and stop the reaction, and centrifuged at 10,000 RPM 
for 10 minutes using a Beckman Coulter Avanti J-E model centrifuge. The upper phase, 
consisting of unreacted glycerides and methyl esters, was then used for HPLC analysis. 
 
3.2.5 Esterification of Free Fatty Acids 
Free fatty acids standards, purchased from Sigma-Aldrich, were esterified to 
their respective methyl ester compounds. The resulting methyl esters were later used for 
peak identification in the subsequent HPLC analysis. The reaction was conducted in a 
jacketed vessel maintained at 60°C using a Haake G constant temperature water bath 
equipped with a recirculating pump. The initial methanol to FFA molar ratio was 6:1. 
The reaction was initiated by the addition of 3% (by mass) sulfuric acid and allowed to 
continue for 24 hours. The fatty acid methyl esters were collected by centrifugation at 
10,000 RPM using a Beckman Coulter Avanti J-E model centrifuge. The upper phase, 
consisting of unreacted free fatty acids and methyl esters, was then used for HPLC 
analysis. 
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3.2.6 Equivalent Carbon Number 
To better compare the retention times of the various species analyzed, as well as 
to assist in the identification of unknown peaks, the equivalent carbon number (ECN) 
will be used. The ECN is defined as:  
ECN =CN − 2DB  
where CN is the total number of carbon atoms in all of the acyl chains of a given 
glyceride species and DB is the total number of double bonds in the chains. In a way, 
the ECN is a measure of the hydrophobicity of the acyl chain, and its value is 
independent of the functional group of the molecule. For clarification purposes, the 
ECN values of triglycerides, diglycerides, monoglycerides, fatty acid methyl esters, and 
free fatty acids will be differentiated by ECNTG, ECNDG, ECNMG, ECNFAME, and 
ECNFFA, respectively. 
In reversed-phase HPLC, fatty acid derivatives (i.e. compounds in 
transesterification reaction mixtures) are separated by both chain length and degree of 
unsaturation; hence, these two parameters make up the mathematical definition of the 
ECN. The first double bond acts to reduce the effective chain length by a little less than 
two carbon units so that, for example, a compound with a C18:1 chain will elute just 
after a similar compound with a C16:0 chain. Second and further double bonds have 
smaller effects on retention time so that a compound with a C18:3 chain elutes just 
before a compound with a C14:0 chain.! 70!  Physically, the double bond of an 
unsaturated fatty acid creates a rigid bend in the acyl chain.! 71!  This bend results in 
partial steric exclusion from the column stationary phase and accounts for part of the 
reduced retention time of this species. This trend will be discussed in the subsequent 
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analysis. In compounds with more than one fatty acid chain, like diglycerides and 
triglycerides, retention is a function of the interaction of each fatty acid chain with the 
stationary phase. 
 
3.3 HPLC Analysis of Soybean Oil Triglycerides 
Since triglycerides are the principal reactant in transesterification reactions, it is 
imperative that accurate analytical methods are established for their analysis. As 
discussed in section 1.2.3, a triglyceride is an ester formed from three fatty acid chains 
and glycerol. The fatty acid chains are usually different but can be identical. Therefore, 
the value of the ECNTG will be the sum of the values of the three constituent fatty acid 
chains, ECNFA,i: 
ECNTG = ECNFA,1 +ECNFA,2 +ECNFA,3  
From the fatty acid profile of soybean oil found in Table 3.2, it is known that there are 
five predominant fatty acid chains present in soybean oil, with ECNFA,i ranging from 12 
to 18. Therefore, the minimum ECNTG possible in soybean oil is 36, which would be 
characteristic of trilinolein, a triglyceride containing three linolenic acid chains (C18:3, 
ECNFA = 12). In theory, this represents the least hydrophobic triglyceride in soybean 
oil. The maximum ECNTG possible is 54, characteristic of a tristearin, a triglyceride 
containing three stearic acid chains (C18:0, ECNFA = 18). This would represent the most 
hydrophobic triglyceride in soybean oil. It is not difficult to see that when compared to 
methyl esters, which contain only a single fatty acid chain, the values of ECNTG are 
relatively high. 
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The large values of ECNTG indicate they are very hydrophobic species. As 
mentioned, retention times in reversed-phase chromatography increase with increasing 
values of ECN (i.e. hydrophobicity). To avoid very long retention times and expedite 
the analysis time, a mobile phase that can effectively dissolve the triglyceride species 
should be selected. This will ensure the triglyceride species do not preferentially stay 
within the stationary phase of the column for too long. Table 3.3, which contains values 
of the solvent polarity index, P, was used to assist the selection of potential solvents, or 
mixtures of solvents, for use as the mobile phase.!67! The solvent polarity index provides 
a measure of the overall solvent polarity with larger numbers indicating more polar 
solvents.  
Ultimately, a mixture of 50% methanol and 50% 2-propanol was selected for 
triglyceride analysis (HPLC Method 1). The resulting chromatograms of refined 
soybean oil as detected by RID and UV can be seen in Fig 3.5. As can be seen, there is 
very little difference between the RID and UV chromatograms. This is because of the 
high probability that a given triglyceride compound will contain at least one unsaturated 
carbon chain. Since UV detection is slightly more sensitive and less temperamental, it 
will be the detector of choice for triglyceride analysis. Furthermore, the distribution of 
peaks corresponding to the triglycerides is essentially Gaussian with respect to 
absorbance intensity. Based on the fact that retention increases with increasing values of 
ECNTG (i.e., increasing hydrophobicity), the Gaussian distribution indicates that most of 
the triglycerides have an intermediate hydrophobicity as compared to the limiting 
species trilinolein and tristearin. This follows readily from basic combinatoric 
mathematics. 
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3.3.1 Triglyceride Consumption During Transesterification 
Without standard compounds of specific triglyceride species, it is difficult to 
determine the identity of individual peaks. Regardless, the total area of all the peaks can 
be combined to get a representative total area. Measuring the total area of all 
triglycerides peaks, however, assumes that each individual triglyceride is consumed at 
the same rate during transesterification. This was verified by carrying out the 
transesterification of soybean oil triglycerides based on the procedure outlined in 
section 2.2.4. The rate of change of the area of each individual peak within the Gaussian 
distribution of peaks corresponding to triglycerides was monitored with time. It was 
determined that each individual peak, regardless of its original area, shrinks at the same 
rate. This indicates that the consumption of any given triglyceride occurs at essentially 
the same rate during homogeneous catalysis. This may not be true for heterogeneous 
catalysis, however, as diffusional limitations in the catalyst pores may affect different 
triglycerides to different extents.  
This experiment justifies lumping the total area of all triglyceride peaks into a 
single number and measuring a bulk triglyceride concentration. Calibration curves for 
the soybean oil triglycerides were prepared as such using the UV detector and can be 
seen in Fig. 3.6.  
 
3.4 HPLC Analysis of Fatty Acid Methyl Esters 
3.4.1 Lumped Methyl Ester Analysis 
In addition to the analysis of the primary reactant in transesterification reactions, 
triglycerides, the analysis of the transesterification product, biodiesel methyl esters, 
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must also be carried out. As a starting point, commercial B100 fatty acid methyl esters 
were analyzed using HPLC Method 1. The resulting chromatograms for RID and UV 
can be seen in Fig. 3.7. From this figure, it can be seen that the retention times of the 
methyl esters are very short when using HPLC Method 1. From Table 3.4, it can be 
seen that the range of values for the ECNFAME for methyl esters from soybean oil range 
from 12-18. This is on the order of one third the value of ECNTG; thus methyl esters are 
significantly less hydrophobic than triglycerides. Furthermore, Table 3.3 shows that 
some of the methyl esters present contain identical ECNFAME. Based on the relationship 
between retention and hydrophobicity, it would be expected that the methyl ester 
species with identical values of the ECNFAME may also have the same retention times. 
From Fig. 3.7 this appears to be the case since there are less peaks than methyl ester 
compounds.  
It has previously been shown that there is no significant difference in the rates of 
consumption of different triglyceride species when homogeneous catalysts are used. 
Thus, it follows that the liberated methyl ester species should be formed at essentially 
equal rates to one another. Thus, HPLC Method 1 can be used as a screen to provide a 
quick measurement of the total methyl ester quantity in a given sample. A calibration 
curve was prepared using the commercial B100 methyl esters and UV (205 nm) 
detection; it is shown in Fig. 3.8.  
 
3.4.2 Individual Methyl Ester Analysis 
 While HPLC Method 1 provides a method for rapid methyl ester analysis, it 
does not provide detailed information of the individual species and their respective 
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concentration. Since individual methyl esters have different properties, such as cloud 
point or combustion temperature, the composition of methyl esters in biodiesel mixture 
can greatly influence its properties. Thus, it is important that a method be developed 
that can determine the respective concentration of individual methyl ester species within 
a biodiesel mixture. Based on the values of the solvent polarity index shown in Table 
3.3 as well as the results of the methyl ester analysis with HPLC Method 1, it is known 
that a more polar mobile phase must be employed to obtain complete retention of each 
individual methyl ester compound. Ultimately, a mixture of 85% acetonitrile and 15% 
deionized water was selected; as previously mentioned, the use of this mobile phase 
corresponds to HPLC Method 2. 
First, the purchased methyl ester standards methyl palmitate, methyl stearate, 
and methyl linoleate were first analyzed to determine each components retention time. 
Similarly, methyl myristate, methyl oleate, and methyl linolenate were individually 
synthesized from the respective free fatty acids by acid-catalyzed esterification, as 
outlined in section 2.2.5, and similarly analyzed to determine retention times. Once the 
retention time of each respective methyl ester standard was established using HPLC 
Method 2, a sample of commercial B100 biodiesel was analyzed and used as a standard 
methyl ester mixture. The RID and UV chromatograms of the methyl ester standards 
from commercial B100 can be found in Fig. 3.9. The benefits of using two different 
detectors can be observed from Fig. 3.9. It can be seen the UV detector is only capable 
of detecting species that contain unsaturated carbon chains; the saturated species only 
provide very weak UV absorbance. Using the RID, however, provides strong detection 
of all species, both unsaturated and saturated. Thus, when the composition of a biodiesel 
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mixture is desired, the use of RID is preferable to the use of UV. Additionally, Fig. 3.9 
shows that the retention times of the methyl esters increased with increasing ECNFAME, 
which are found in Table 3.4. 
Calibration curves were also generated for the individual methyl ester 
compounds using the RID. Calibrations of methyl palmitate, methyl stearate, and 
methyl linoleate were produced from the purchased standards. Calibrations of methyl 
linolenate, methyl myristate, and methyl oleate were generated from the standards 
synthesized by the acid-catalyzed esterification previously mentioned. The resulting 
constants associated with the calibration of the individual methyl ester standards using 
HPLC Method 2 and the RID can be found in Table 3.5. 
 
3.5 HPLC Analysis of Intermediate Glycerides 
In addition to the analysis of fatty acid methyl esters present in a given biodiesel 
sample, it is also important to determine the amount of unreacted intermediate 
glycerides. Since most biodiesel processes fail to achieve 100% conversion, there often 
exists trace amounts of bound glycerol in the form of mono-, di-, and triglycerides, all 
of which can aversely affect engine performance. Based on the relative values of the 
ECNMG and ECNDG, it is predicted that monoglycerides will have similar 
hydrophobicity as methyl esters and diglycerides will have some intermediate 
hydrophobicity between methyl esters and triglycerides. 
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3.5.1 Monoglyceride Analysis 
 Based on the similar values of ECNMG and ECNFAME, HPLC Method 2 was 
tested for its ability to detect the presence of monoglyceride species. A mixture of the 
monoglyceride standards 1-monoolein, 1-monopalmitin, and 1-monostearin, all 
potentially present in biodiesel produced from soybean oil, was used as an HPLC 
standard for monoglyceride peak identification. A sample chromatogram from the RID 
and UV detectors obtained using HPLC Method 2 can be found in Fig. 3.10. Like the 
methyl esters, the retention times of the monoglycerides increased with increasing 
ECNMG.  
 
3.5.2 Diglyceride Analysis 
As mentioned, based on the fact that diglycerides contain 2 fatty acid chains, 
their ECNDG values, and hence their hydrophobicity, are intermediate between 
monoglycerides and triglycerides. Thus, a mobile phase with intermediate polarity 
between HPLC Method 1 and HPLC Method 2 was desired. Ultimately, a mobile phase 
of 100% methanol was selected for diglyceride analysis; the use of this mobile phase 
will be referred to as HPLC Method 3. Like the triglyceride analysis, UV detection 
provides satisfactory analysis of diglycerides due to the high probability that a given 
compound will contain at least one unsaturated fatty acid chain. A sample 
chromatogram from the UV detector (205 nm) is shown in Fig. 3.11. 
It should also be noted that HPLC Method 3 also has the capability to provide 
methyl ester and monoglyceride analysis, however the resolution of peaks 
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corresponding to compounds with identical values of ECNFAME and ECNMG is not as 
efficient as with HPLC Method 2. 
 
3.6 HPLC Analysis of Free Fatty Acids 
 The final potential compounds that may be present in transesterification 
mixtures are free fatty acids. These compounds are generally present in waste cooking 
oils or in esterification processes. Like methyl esters and monoglycerides, free fatty 
acids have only a single carbon chain and thus have low values of ECNFFA as compared 
to values of ECNDG and ECNTG. As a result, HPLC Method 2, containing the relatively 
polar mobile phase consisting of 85% acetonitrile and 15% deionized water was 
selected for their analysis. 
Pure free fatty acid standards were individually analyzed to determine retention 
times. A sample chromatogram can be seen in Fig. 3.12. Again, due to the presence of 
single-chained saturated compounds, the RID provides a more efficient analysis of free 
fatty acid compounds than the UV detector. Properties of the free fatty acids 
investigated, their subsequent retention times, and calibration constants associated with 
the RID can be found in Table 3.6. Like the methyl esters and monoglycerides, the 
retention times of the free fatty acids increased with increasing ECNFFA. 
 
3.7 Functional Group Hydrophobicity 
 Based on the HPLC analyses just discussed, it is relatively easy to determine 
that triglycerides are the most hydrophobic of the types of compounds encountered in 
transesterfication reactions. Furthermore, diglycerides rank closely behind triglycerides 
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as the next most hydrophobic species. These conclusions follow readily from their large 
values of ECNTG and ECNDG. The relative hydrophobicity of monoglycerides, methyl 
esters, and free fatty acids is less obvious, however. This is because the ECNMG, 
ECNFAME, and ECNFFA for a given acyl chain is identical. Thus the only different 
between these three compounds is the functional group attached the acyl chain. Since 
the analysis of monoglycerides, methyl esters, and free fatty acids was carried out using 
HPLC Method 2, the relatively hydrophobicity of these compounds can be analyzed.  
First, comparing monoglycerides and methyl esters, it can be seen from Figs. 3.7 
and 3.10 that a given methyl ester always has a greater retention time than its respective 
monoglyceride. Thus, it can be stated that the ester group of a methyl ester compound is 
more hydrophobic than the glycerol backbone of a monoglyceride. This is not difficult 
to imagine considering the glycerol backbone of a monoglyceride contains two 
hydroxyl groups, which are polar, or more hydrophilic, in nature. Next, looking at Fig. 
3.12, it can be seen that a given free fatty acid has a retention time greater than its 
respective monoglyceride but less than its respective methyl ester. Thus, carboxyl group 
of a free fatty acid is more hydrophobic than the glycerol backbone of a monoglyceride 
more less hydrophobic than the ester group in the methyl ester compound. Therefore, 
despite the fact that a given monoglyceride, its respective methyl ester, and its 
respective free fatty acid each contain identical values of the ECN, their hydrophobicity 
changes as the functional group changes. Thus, of all the possible types of compounds 
found in transesterification reaction, triglycerides are the most hydrophobic which are 
followed by diglycerides, methyl esters, free fatty acids, and finally monoglycerides, 
which are the least hydrophobic.  
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Hydrophobic interactions are important in transesterification reactions because 
the system is composed of two liquid phases, a polar, or hydrophilic, alcohol phase and 
a nonpolar, or hydrophobic, oil phase. The relative interactions of the two phases 
greatly affect the reaction kinetics of the system. 
 
3.8 Conclusions 
 This chapter deals with the development of methods for analyzing various 
components present in transesterification reactions using high performance liquid 
chromatography. Of primary concern is the analysis of the primary reactant, 
triglycerides, and the primary product, biodiesel methyl esters. For most applications, 
this can be accomplished using HPLC Method 1, which employed a mobile phase 
consisting of 50% 2-propanol and 50% methanol. The advantage of using such a 
method as compared to gas chromatography is the rapid analysis time (15 minutes) and 
the ability to analyze the samples directly without any derivatization. Furthermore, the 
wide range of mobile phases available for use with HPLC analysis greatly facilitated the 
development of different analytical methods, each targeting the analysis of a different 
group of compounds. It has been shown that if precise determination of individual 
methyl ester species within a given biodiesel mixture is required, HPLC Method 2, 
using a mobile phase of 85% acetonitrile and 15% deionized water, can provide such an 
analysis. Finally, HPLC Method 3, using a mobile phase consisting of 100% methanol, 
can be employed for the analysis of species with intermediate hydrophobicity, such as 
diglycerides. 
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Figure 3.1 Schematic of basic HPLC system (reprinted from Snyder, L.R.; Introduction 
to Modern Liquid Chromatography. 2012; copyright John Wiley & Sons).!67! 
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Figure 3.2 HPLC column: (a) column packed with spherical particles; (b) schematic 
representation of a single spherical particle formed from the aggregation of smaller 
subparticles with pores existing in the void space between each subparticle (reprinted 
from Snyder, L.R.; Introduction to Modern Liquid Chromatography. 2012; copyright 
John Wiley & Sons).!67! 
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Figure 3.3 HPLC separation process: (a) the sample is injected into the column; (b-d) 
sequential separation within the column as a function of time; (e) the final 
chromatogram (reprinted from Snyder, L.R.; Introduction to Modern Liquid 
Chromatography. 2012; copyright John Wiley & Sons).!67!  
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Figure 3.4 Possible interactions between the solute molecule and stationary phase in 
reversed-phase chromatography: (a) solvophobic interaction; (b) adsorption (reprinted 
from Snyder, L.R.; Introduction to Modern Liquid Chromatography. 2012; copyright 
John Wiley & Sons). 67  
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Figure 3.5 Sample chromatograms of triglycerides from refined soybean oil obtained 
using HPLC Method 1: (a) RID and (b) UV (205 nm). 
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Figure 3.6 Calibration curve for soybean oil triglycerides obtained using HPLC Method 
1 with UV (205nm) detection. 
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Figure 3.7 Sample chromatograms of fatty acid methyl esters from commercial B100 
biodiesel obtained using HPLC Method 1: (a) RID and (b) UV (205 nm). 
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Figure 3.8 Calibration curve for commercial B100 methyl esters obtained using HPLC 
Method 1 with UV (205 nm) detection. 
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Figure 3.9 Sample chromatograms of methyl esters from commercial B100 biodiesel 
obtained using HPLC Method 2 with (a) RID and (b) UV. MeLn = methyl linolenate 
(C18:3); MeM = methyl myristate (C14:0); MeL = methyl linoleate (C18:2); MeP = 
methyl palmitate (C16:0); MeO = methyl oleate (C18:1); MeS = methyl stearate 
(C18:0). 
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Figure 3.10 Sample chromatograms of monoglyceride standards 1-monopalmitin (1-P), 
1-monoolein (1-O), and 1-monostearin (1-S) obtained using HPLC Method 2: (a) RID 
and (b) UV (205 nm). 
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Figure 3.11 Sample chromatograms of diglycerides from soybean oil obtained using 
HPLC Method 3: UV (205 nm). 
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Figure 3.12 Sample chromatograms of free fatty acid standards resulting from the 
analysis using HPLC Method 2: (a) RID and (b) UV. Ln = linolenic acid (C18:3); L = 
linoleic acid (C18:2); P = palmitic acid (C16:1); O = oleic acid (C18:1); S = stearic acid 
(C18:0).  
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Table 3.1 Free and bound glycerol specifications for biodiesel.  
 
Component EN14214 Limit (% m/m) 
ASTM D6751 
Limit (% m/m) 
Free glycerol 0.02 max 0.020 max 
Monoglycerides 0.80 max NA 
Diglycerides 0.20 max NA 
Triglycerides 0.20 max NA 
Total glycerol related compounds 0.25 max 0.240 max 
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Table 3.3 Polarity index (P) values for various HPLC solvents. 
 
Solvent Polarity Index, P 
2-propanol 3.9 
Methanol 5.1 
Acetonitrile 5.8 
Water 10.2 
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Table 3.5 RID calibration constants associated with  
methyl ester standards obtained using HPLC Method 2. 
 
Component Constant R2 
MeLn 8.18 × 106 0.990 
MeM 5.56 × 106 0.958 
MeL 8.41 × 106 0.999 
MeP 7.08 × 106 0.999 
MeO 6.26 × 106 0.987 
MeS 5.61 × 106 0.999 
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Chapter 4 
 
 
Equilibrium Phase Behavior of Multi- 
Component Liquid-Liquid Mixtures 
Common in Transesterification Reactions 
 
 
 
4.1 Introduction 
As briefly discussed in Chapter 1, the initial reaction mixture is a binary phase 
liquid-liquid system. During the conditions most commonly applied in industrial 
transesterification processes, the reaction mixture transitions from a two-phase 
triglyceride-methanol binary mixture into a two-phase biodiesel-glycerol-methanol 
ternary mixture. The lower phase is rich in glycerol while the top phase consists 
predominately of biodiesel. Any excess methanol generally resides in the glycerol phase 
however small amounts are soluble in the biodiesel phase. Depending on the specifics 
of a given process, the final reaction mixture may also contain unreacted intermediate 
species, catalyst, water, and soap. Understanding the equilibrium phase behavior of both 
triglyceride-methanol binary mixtures as well as biodiesel methyl ester-glycerol-
methanol ternary mixtures is beneficial for a variety of reasons. First, understanding the 
basic phase behavior of the initial and final states of the system can provide a better 
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understanding of the reaction itself. Second, knowledge of the equilibrium phase 
behavior of the final reaction mixture can facilitate the design of efficient separation 
technologies. 
A handful of experimental results on equilibrium phase behavior for biodiesel 
mixtures have been reported in literature.! 72&80!  Since different triglyceride sources 
contain different free fatty acid profiles, the composition of methyl esters in one 
biodiesel may drastically differ from the composition in another biodiesel. As a result, 
the equilibrium partitioning of biodiesel in a given methyl ester-glycerol-methanol 
system may be different for the partitioning in a second system. For example, when 
castor oil is used as a feedstock, as is often the case in tropical regions such as Brazil, 
the resulting biodiesel contains approximately 90% methyl ricinoleate, which is the 
methyl ester of the hydroxylated fatty acid, ricinoleic acid. 72  Since this ester contains a 
hydroxyl group, it has hydrophilic properties closer to methanol and glycerol and thus 
increases the overall solubility of the resulting biodiesel in the ternary mixture. The 
ternary phase diagram for castor oil biodiesel/glycerol/methanol at 25°C was presented 
by Franca et al. and shows a large single-phase region.!72! 
 Solubility studies have also been done on biodiesel produced from the oil of the 
Jatropha curcas L. tree, a popular perennial plant found in southwest China.! 73!  In 
contrast to the methyl esters in castor oil biodiesel, the methyl esters produced by the 
transesterification of Jatropha curcas L. oil do not contain hydroxylated fatty chains. 
Consequently, this biodiesel is less soluble in the more polar glycerol-methanol phase. 
The biodiesel-glycerol-methanol ternary phase diagram generated at 25°C by Zhou et 
al. shows a large two-phase envelope.!73! 
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 Several studies have been conducted on model biodiesel methyl ester-glycerol-
methanol systems in which methyl oleate was selected as the model methyl ester 
compound.!74&76!  Methyl oleate, the methyl ester of oleic acid, a C18:1 fatty acid, is a 
compound commonly found in biodiesel produced from different feedstocks. These 
systems exhibited high immiscibility between the methyl oleate and glycerol phases all 
the way up to 135°C. As expected, the methanol was shown to partition between the 
two phases with the majority residing in the glycerol phase. 
 Other multi-component phase equilibrium studies involving biodiesel systems 
have been carried out which include the addition of various catalytic species. Ternary 
phase diagrams representative of rapeseed oil methyl esters – glycerol – N,N-
dimethyltrimethylenediamine (DMTMD) as well as rapeseed oil methyl ester – glycerol 
– 4-methylpiperidine (4-MP) were constructed.! 77!  In the same study, the phase 
equilibrium of mixtures closer resembling the initial stages of the reaction were also 
studied. Ternary phase diagrams representative of rapeseed oil triglycerides – methanol 
– DMTMD, sunflower oil triglycerides – methanol – DMTMD, and rapeseed oil 
triglycerides – methanol – 4-MP ternary systems were presented.! 77!  Additionally, 
distribution coefficients for methanol and various catalysts between the glycerol and 
biodiesel phases were experimentally calculated.!78,!79!  
 While each of the studies just mentioned use biodiesel from various feedstocks 
or model biodiesel compounds, the general behavior seen in these biodiesel – glycerol – 
methanol ternary phase diagrams is similar. Each system contains a single envelope in 
which any composition will separate into two phases. Additionally, the top phase was 
shown to be rich in biodiesel while the lower phase was shown to be rich in glycerol. 
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The methanol partitioned between the two phases with the majority residing in the 
glycerol phase. In an interesting study conducted by a research team from the Czech 
Republic published in a German journal, a ternary phase diagram representative of 
rapeseed oil methyl esters – glycerol – methanol containing trace amounts of water was 
produced. 80  Unlike the previously mentioned studies, this phase diagram shows two 
distinct phase envelopes. Additionally, from the diagrams presented in their work, it 
appears as if there exists a small single-phase region between the two two-phase 
regions. Ternary mixtures in which two separate two-phase regions exist have been 
studied before, however they are uncommon and normally only briefly discussed in 
textbooks. 
In this chapter, the equilibrium phase behavior and partitioning of 
multicomponent mixtures common to transesterification reactions is investigated. 
Specifically, the phase behavior of the reaction at the initial and final states is discussed. 
As mentioned, the initial state of the reaction is a triglyceride – methanol two-phase 
mixture, thus a binary phase diagram of soybean oil triglycerides and methanol will be 
prepared. The final state of the reaction is a ternary phase mixture consisting of 
biodiesel methyl esters – glycerol – methanol. A ternary phase diagram was thus 
prepared using commercial B100 biodiesel as a methyl ester standard. In most cases, the 
top phase consisted predominantly of biodiesel while the bottom phase contained the 
glycerol and methanol. It was discovered, however, that at certain compositions a phase 
inversion occurs; that is, the top phase contains the glycerol and methanol and the 
bottom phase contains the biodiesel. This phase inversion phenomenon has not been 
shown in the literature before. The solubility of the biodiesel is taken as an overall 
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solubility of all methyl esters. Finally, experiments were conducted to measure the 
partition coefficient of the homogeneous liquid-phase catalyst potassium hydroxide. 
 
4.2 Experimental Protocols 
4.2.1 Materials 
Refined soybean oil triglycerides, glycerol (>99%) and methanol (>99%) were 
purchased from Sigma-Aldrich. Commerical B100 biodiesel was purchased from a local 
BP distributor (Hamburg, PA). HPLC grade chemical solvents were obtained from the 
following suppliers: acetonitrile and 2-propanol, Fischer Scientific.  
 
4.2.2 HPLC Analysis 
 The analysis of the multicomponent mixtures was achieved using the HPLC 
methods outlined in Chapter 1. In some cases, a ZORBAX Carbohydrate Analysis 
column (150 x 4.6 mm, I.D.) was used. The more polar nature of this column resulted in 
all the methyl ester species compounds eluting in a single peak. 
 Samples for HPLC analysis were prepared in the following fashion: a stock 
solution (20 mg/mL) was first prepared by dissolving a known mass of sample in 
methanol. The stock solution was further diluted to prepare a 0.5 mg/mL solution. 10 
µL of the latter solution was injected into the HPLC for analysis. 
 
4.2.3 Determination of Ternary Phase Tie Lines 
Phase equilibrium experiments were carried out using 45 mL centrifuge tubes. 
Known masses of biodiesel and glycerol were first added to the tube, followed by 
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methanol. Due to its relatively high volatility, methanol was added last to minimize 
evaporation. The tube was tightly capped and vigorously shaken for 5 minutes using a 
Vortex-Touch mixer. After mixing, the mixture was centrifuged at 10,000 RPM for 10 
minutes at 20°C. After centrifugation, a known mass was withdrawn from the top phase 
and placed in a Büchi rotary evaporator to evaporate any methanol in the sample. The 
mass of methanol in the sample was calculated from the difference in the initial and 
final sample mass. The remaining mass, consisting of biodiesel and/or glycerol, was 
then re-dissolved in methanol to prepare the 20 mg/mL stock previously referenced. 
The mass percent of biodiesel and glycerol were then determined from the HPLC 
analysis. The mass fractions of methanol, biodiesel, and glycerol were calculated as 
follows: 
 
 
 
where msample,i and msample,f are the initial sample mass and final sample mass after 
methanol evaporation; xB,HPLC and xG,HPLC are the mass fractions of biodiesel and 
glycerol as determined by the HPLC. This procedure was then repeated with a sample 
from the bottom phase. 
 
 
 
€ 
xMeOH =
msample,i −msample, f
msample,i
€ 
xB =
msample, f ⋅ xB ,HPLC
msample,i
€ 
xG =
msample, f ⋅ xG,HPLC
msample,i
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4.2.4 Determination of Miscibility Boundary and Phase-Inversion Line 
To determine points along the miscibility boundary, also called the bimodal 
curve, mixtures of biodiesel and glycerol at various ratios were prepared in centrifuge 
tubes. Methanol was then added in small aliquots. After each addition, the mixture was 
vigorously mixed using the Vortex-Touch mixer and centrifuged. This procedure was 
continued until a single phase was formed. Additionally, glycerol was titrated into 
mixtures of biodiesel and methanol and biodiesel was titrated into mixtures of glycerol 
and methanol. The titration procedure also resulted in the determination of the phase-
inversion line, defined here as the line representing the points at which the top and 
bottom phases reverse orientation. 
 
4.2.5 Determination of the Partition Coefficient of the Catalyst 
The presence of the catalytic ions was determined by use of a Vernier 
(Beaverton, OR) conductivity probe (Model CON-BTA). To calibrate the probe, 
solutions of 0.125, 0.25, 0.5 and 1.0 M KOH in methanol were prepared. The samples 
were diluted by a factor of 10 prior to measurement due to the range of the conductivity 
probe (0 – 20,000 µS/cm). 
To experimentally measure the partition coefficient of the catalyst, a known 
quantity of soybean oil was first preheated to the reaction temperature. Potassium 
hydroxide (1.0 wt.% of the soybean oil) was dissolved in the appropriate amount of 
methanol, which depended on the molar ratio. Methanol to oil molar ratios of 6:1, 10:1, 
20:1 and 40:1 were studied. The methanol/KOH mixture was also preheated, and, once 
at the desired temperature, was added to the soybean oil. The contents were brought to 
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complete and vigorous mixing for 30 seconds and then the phases were allowed to 
separate for 10 minutes. After the 10 minutes, a sample was withdrawn from each phase 
for analysis.  
The analysis of the methanol phase proceeded as follows: 0.5 mL was diluted in 
4.50 mL fresh methanol (factor of 10) and the conductivity of this solution was 
measured with the conductivity probe. The analysis of the soybean oil phase proceeded 
as follows: first, a 1 mL sample of the phase was washed with 5 mL fresh methanol to 
leach out any potassium ions dissolved in the oil phase. The mixture was centrifuged for 
10 minutes at 10,000 RPM using a Beckman-Coulter Avanti J-E centrifuge (Brea, CA). 
The conductivity of the methanol wash was then measured. Any conductivity reading in 
the resulting methanol wash was attributed to potassium ions leached from the oil 
phase. A second wash of the oil phase was conducted to ensure all ions had been 
leached out in the first wash (it was observed that one wash was sufficient to leach out 
all ions). The conductivity of the oil phase was measured indirectly this way because of 
the non-conducting properties of the oil. Even with some ions present, direct 
measurement of the oil phase provides zero conductivity reading.  
 
4.3 Soybean Oil Triglycerides and Methanol Binary Phase Diagram 
 A soybean oil triglyceride and methanol binary phase diagram was created to 
gain a better understanding of the phase behavior at the start of the transesterification 
reaction and is shown in Fig. 4.1. As can be seen, a small quantity of triglycerides is 
soluble in the methanol phase. As would be expected, the equilibrium concentration of 
triglycerides in methanol, cTG,eq , increases with increasing temperature. The 
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composition of the methanol phase as a function of temperature, along with values of 
cTG,eq , can be found in Table 4.1. 
 
4.4 Commercial B100 Biodiesel – Glycerol – Methanol Ternary Phase Diagram 
The first objective in creating a biodiesel – glycerol – methanol ternary phase 
diagram was to determine compositions along the miscibility boundary, or binodal 
curve, which correspond to tie line compositions. Following the procedures outlined 
above, compositions at the ends of multiple tie lines, i.e. compositions of the top and 
bottom phases that result after separation, were calculated and are presented in Table 
4.2. Rows A-F represent data points in which the top phase was rich in biodiesel 
whereas rows G-I represent data points in which the top phase was rich in glycerol. The 
densities of pure methanol, glycerol, and biodiesel at 20°C are 0.787, 1.257, and 0.883 
g/cm3, respectively. The resulting compositions and tie lines can be seen graphically in 
Fig. 4.2. It should be noted that each component should be present in each phase 
however the HPLC was not capable of detecting trace amounts of biodiesel or glycerol. 
The titration experiments were carried out to overcome this issue. 
The reliability of the tie-line data was validated by a correlation developed by 
Othmer and Tobias.!81!  They showed that a plot of 
€ 
ln 1− a1a1
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(  where a1 
is the composition of species A in the A-rich phase and b2 is the composition of species 
B in the B-rich phase, yields a straight line for systems which have highly immiscible 
nonconsolute components in the absence of the consolute. In the present study, 
biodiesel and glycerol are the nonconsolute species, i.e. they are essentially immiscible 
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in the absence of methanol, the consolute species. The subsequent plot in Fig. 4.3 shows 
good linear fit indicating consistency of the experimental data. Additionally, this plot 
enables the calculation of the corresponding compositions of each phase for any number 
of tie lines, not just the experimental points obtained in this study. 
As mentioned, binary mixtures were prepared such that the third component 
could be titrated in to determine points along the miscibility boundary. The 
compositions in which a single phase was obtained can be found in Table 4.3. The 
titration experiments also helped determine the phase-inversion line. The compositions 
at which the top and bottom phases inverted can be found in Table 4.4. 
Another feature of ternary systems is the plait point. When the top and bottom 
phases are practically the same composition, the tie line is reduced to a single point on 
the binodal curve and, experimentally, a single phase is observed; this is called the plait 
point.!82!  Therefore, the binodal curve represents a locus of points on which the plait 
point must lie. The exact location on the binodal curve can be estimated from the tie 
line behavior generated from the Othmer-Tobias plot.!83!  This relationship can be seen 
graphically in Fig. 4.4. The line with circular data points is an Othmer-Tobias plot of 
the tie line data while the line with square data points is an Othmer-Tobias plot of points 
along the binodal curve. Based on the intersection of these two lines, the plait point is 
calculated to be 60.2% biodiesel, 0.7% glycerol, and 39.1% methanol. This composition 
was validated experimentally. The complete commercial biodiesel – glycerol – 
methanol ternary phase diagram can be seen in Fig. 4.5. 
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4.5 Thermodynamics of the Ternary Phase System 
 
Two liquid phases at equilibrium can be described by the expression: 
 
where  and  are the mass fractions of component i in liquid phases 1 and 2;  and 
 are the activity coefficients of component i in liquid phases 1 and 2. The activity 
coefficients can be predicted according to the Scatchard-Hildebrand equation: 
 
In this equation, Vi is the partial molal volume (or reciprocal molar density) of 
component i; R is the gas constant, and T is the absolute temperature.  is known as the 
solubility parameter of component i and is defined as the square root of the cohesive 
energy density of component i in the pure state. The cohesive energy density is a 
measure of the strength of intermolecular forces holding molecules together in the 
liquid state per unit volume of liquid. It is defined mathematically as the ratio of the 
latent energy of vaporization of a pure component to the molal volume of that 
component: 
 
 in the Scatchard-Hildebrand equation is a volume-average solubility parameter of all 
the components present in the liquid phase in question. From the Scatchard-Hildebrand 
equation, it is apparent that mixtures of components having nearly equal solubility 
parameters should exhibit activity coefficients near unity and behave similar to ideal 
solutions. However, in mixtures of components with substantially different solubility 
€ 
xi1γ i1 = xi2γ i2
€ 
xi1
€ 
xi2
€ 
γ i1
€ 
γ i2
€ 
lnγ i =
Vi δ i −δ( )
2
RT
€ 
δ i
€ 
δ i =
ΔEv( )i
Vi
$ 
% 
& 
& 
' 
( 
) 
) 
1/ 2
€ 
δ
!! 89!!
parameters the activity coefficients will be much greater than unity. If the solubility 
parameters are different enough, immiscibility will result.!84!  As a general trend, polar 
molecules, such as methanol and glycerol, tend to have high solubility parameters while 
nonpolar molecules, such as fatty acid methyl esters, have low solubility parameters. As 
a rough approximation, substances with solubility parameters differing by 3 (cal/cm3)1/2 
or more will generate two liquid phases.!84!  The solubility parameter is related to the 
solvent polarity parameter. This parameter is a measure of a molecule’s ability to 
participate in dispersion forces, dipole-dipole interactions, hydrogen bonding, and 
dielectric interactions.!67! 
 In the present study, the ternary mixtures of biodiesel – glycerol – methanol 
generally separated into two liquid phases. While the commercial biodiesel used in this 
study was composed predominantly of 6 different methyl esters, these species have 
close solubility parameters, thus they form a single liquid phase. Table 4.5 contains 
values of the solubility parameter for methanol, glycerol, and methyl oleate.!85!  Methyl 
oleate comprises approximately 37% of the commercial biodiesel used in this study. 
The value of the solubility parameter of methyl oleate can be representative of the 
solubility parameter for biodiesel. 
The observation of the top and bottom phases inverting can be explained by 
analyzing values of the solubility parameter and density for each component. From 
Table 4.5, which also contains the components density, it is clear that methanol and 
glycerol have nearly equal solubility parameters while the value for biodiesel is much 
lower. This means that most of the methanol will reside in the glycerol phase (and vice 
versa depending on the respective compositions). If the density of each phase is 
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approximated by a weighted average of its constituents, the glycerol phase will always 
have a higher density than the biodiesel phase at low methanol compositions. However, 
at higher methanol compositions, the density of the glycerol phase decreases rather 
quickly due to the fact that most of the methanol partitions to this phase. Eventually, at 
high enough methanol compositions, the glycerol phase actually becomes less dense 
than the biodiesel phase and a phase reversal is observed. It is interesting to note that 
despite the differences in the solubility parameters of biodiesel and methanol, the two 
components are still completely miscible at all compositions. However, at methanol 
compositions less than 50% two phases emerge on less than a 1% addition of glycerol. 
Experiments were also conducted in which separation was achieved by natural 
means such as based on gravitation (without the use of centrifugation). It was observed 
that the time it takes to first notice the formation of two distinct phases increased as the 
composition neared the phase-inversion line. At first glance, it appears as if a single 
phase has been reached at the phase-flip line due to the long times for separation to 
occur. The separation near, or at, this line progresses by forming large droplets of the 
smaller phase (by mass) in the larger phase. Only over longer periods of time do the 
droplets begin to coalesce and form a single and more distinct layer. Centrifuging the 
samples greatly decreases the separation time without affecting the phase compositions. 
Additionally, the point of intersection between the phase-flip line and the binodal curve 
is continuous.  
Clearly, at compositions far from the phase-inversion line the system forms two 
liquid phases in the form of distinct upper and lower liquid layers. The formation of 
layers is a direct result of one phase having a greater density than the other. Directly at 
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the phase-inversion line, however, the two liquid phases will have the same density. The 
system appears as an emulsion with one phase dispersed in small droplets within the 
other. From Fig. 4.5, it is clear that the phase-inversion line follows the same trend as 
the tie lines. Actually, the phase-flip line can be taken as the tie line that returns the 
compositions of the two liquid phases that do not form distinct top and bottom layers 
but rather an emulsion. 
 
4.6 Partition Coefficient of Homogeneous Basic Catalyst 
The calibration of the conductivity probe with various KOH/methanol solutions 
was first carried out. The resulting calibration curve can be found in Fig. 4.6. 
Additionally, since glycerol forms as a byproduct of the transesterification reaction and 
remains predominantly in the methanol phase due to strong hydrophilic interactions, it 
must be determined if the presence of glycerol has any effect on the conductivity 
reading. Methanol solutions containing equal amounts of potassium ions with various 
amounts of glycerol were prepared and the conductivity of these solutions was 
measured. It was determined that glycerol has a negligible effect of the conductivity 
measurement of the potassium ions in methanol. 
Next, the partitioning of the catalytic ions between the oil and methanol phases 
during the transesterification reactions was determined. The partition coefficient of the 
catalytic ions is defined here as the ratio of the concentration of ions in the methanol 
phase to the concentration of ions in the soybean oil phase: 
KCH3O− =
cCH3O−,MeOH
cCH3O−,SBO
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As mentioned, four different methanol to soybean oil molar ratios were tested; 6:1, 
10:1, 20:1, and 40:1. The conductivity measurements of the methanol phase, the 
soybean oil phase, and the resulting partition coefficients for each molar ratio studied 
can be found in Table 4.6. From the data it is evident that the potassium ions are 
predominantly found in the methanol phase. This isn’t surprising considering the polar 
nature of methanol and glycerol. This is consistent with previous studies on catalyst 
distributions. 78, 79  
From this point on, the methanol phase will be taken as the primary reaction 
volume since the catalyst is found predominantly in this phase. Therefore, in order for 
transesterification reaction to proceed, triglyceride molecules must be transferred to this 
phase in order for the reaction to occur. The dynamic conditions which occur as the 
system transitions from the initial triglyceride – methanol binary-component system to 
the methyl ester – glycerol – methanol ternary-component system will be the subject of 
the next chapter. 
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Figure 4.1 Soybean oil triglyceride and methanol binary phase diagram. 
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Figure 4.2 Commercial B100 biodiesel – glycerol – methanol ternary phase diagram 
with tie lines (A-I); ! = top phase; " = bottom phase. 
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Figure 4.3 Othmer-Tobias plot for evaluation of tie lines in the commercial biodiesel – 
glycerol – methanol system. a is the biodiesel composition in the biodiesel-rich phase 
and b is the glycerol composition in the glycerol-rich phase; A-I represent the data 
points corresponding to tie lines A-I. 
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Figure 4.4 Othmer-Tobias plot for determination of the plait point in the commercial 
biodiesel – glycerol – methanol ternary phase system. # = tie line data;  = binodal 
curve data; data points A-I correspond to tie lines A-I; P = plait point. 
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Figure 4.5 Commercial biodiesel – glycerol – methanol ternary phase diagram. ! = top 
phase; " = bottom phase; # = single phase data point along binodal curve; ◊ = phase 
inversion data point; P = plait point; A-I represent the experimental tie lines. 
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Figure 4.6 Calibration curve for the conductivity (µS/cm) of potassium hydroxide 
(KOH) solutions in methanol. 
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Table 4.1 Soybean oil triglyceride – methanol binary 
 phase equilibrium data: methanol phase compositions. 
 
Temperature 
(°C) 
Methanol 
(g/g) 
Triglycerides 
(g/g) 
Triglycerides 
(mM) 
20 0.996 0.004 3.66 
40 0.992 0.008 6.80 
60 0.988 0.012 10.03 
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Table 4.2 B100 biodiesel – glycerol – methanol ternary phase tie line composition data 
(mass %). 
 
Tie 
Line! !
Bottom Phase ! Top Phase  
Biodiesel Glycerol Methanol  Biodiesel Glycerol Methanol 
 
A  0 0.742 0.258  0.953 0 0.047 
B  0 0.618 0.382  0.942 0 0.058 
C  0.011 0.511 0.478  0.939 0 0.061 
D  0.015 0.401 0.613  0.933 0 0.067 
E  0.023 0.299 0.677  0.913 0 0.087 
F  0.043 0.192 0.765  0.888 0 0.112 
G  0.841 0 0.159  0.06 0.155 0.785 
H  0.832 0 0.168  0.091 0.096 0.813 
I  0.687 0 0.313  0.299 0.016 0.685 
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Table 4.3 B100 biodiesel – glycerol – methanol ternary  
phase miscibility boundary composition data (mass %). 
 
Biodiesel Methanol Glycerol 
0.008 0.561 0.431 
0.009 0.394 0.597 
0.016 0.596 0.388 
0.019 0.648 0.333 
0.031 0.706 0.263 
0.049 0.761 0.190 
0.051 0.750 0.199 
0.064 0.782 0.154 
0.078 0.804 0.118 
0.098 0.808 0.094 
0.119 0.801 0.080 
0.150 0.784 0.066 
0.173 0.770 0.057 
0.223 0.740 0.037 
0.370 0.612 0.018 
0.393 0.595 0.012 
0.477 0.512 0.011 
0.494 0.495 0.011 
0.601 0.390 0.009 
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Table 4.4 B100 biodiesel – glycerol – methanol ternary 
phase inversion-line composition data (mass %). 
 
Biodiesel Methanol Glycerol 
0.076 0.742 0.182 
0.174 0.115 0.711 
0.161 0.167 0.672 
0.148 0.222 0.630 
0.133 0.303 0.564 
0.016 0.796 0.188 
0.065 0.567 0.368 
0.125 0.348 0.527 
0.036 0.720 0.244 
0.083 0.499 0.418 
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Table 4.5 Physical properties of glycerol, methanol, and methyl oleate at 25°C. 
 
Component Density (g/cm3) 
Solubility Parameter, δ 
(cal/cm3)1/2 
Glycerol 1.257 16.78 
Methanol 0.787 14.43 
Methyl oleate 0.870 8.29 
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Table 4.6 Partition coefficient (KCH3O− ) of the homogeneous liquid catalyst. 
 
MeOH:SBO 
Molar Ratio 
cCH3O− (mM) 
MeOH Phase
 
cCH3O− (mM) 
SBO Phase
 
KCH3O−  
6:1 928 31.27 29.67 
10:1 466 11.56 40.29 
20:1 221 0.800 275.64 
40:1 110 0.145 755.00 
(540 RPM; Mixing time = 30 sec; Settling time = 10 min; T = 60°C; KOH = 1.0 wt.% SBO) 
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Chapter 5 
 
 
The Phase Behavior Effect on the Kinetics of 
Transesterification Reactions for Biodiesel 
Production 
 
 
 
5.1 Introduction 
As mentioned, the transesterification reaction system initially contains two 
nearly immiscible phases, the triglyceride-rich oil phase and the alcohol phase. It has 
been hypothesized that the reaction is initially mass transfer controlled due to the low 
miscibility of the two reactant phases.!14,!20,!26,!47,!54!  It has also been hypothesized that 
the reaction rate transitions from the kinetically slow mass transfer controlled regime to 
a kinetically faster reaction controlled regime based on the fact that the methyl ester 
production curve displays a sigmoidal shape. Furthermore, the kinetically slow mass 
transfer controlled regime can be eliminated if adequate mixing is applied. Some 
authors have suggested that the methyl esters act as a mutual solvent for the reactants 
while others have suggested that the intermediate glycerides act as emulsifying agents. 
It should be noted, however, that most of the hypotheses put forward to describe 
the phase behavior of transesterification reactions have been qualitative in nature. 
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Unfortunately, the terms mass transfer control and reaction control have never been 
clearly defined for transesterification reactions and thus much ambiguity remains in 
regards to the rate-limiting step. The hypothesis that suggests that the overall rate 
transitions from a mass transfer controlled regime to a reaction controlled regime is 
based on incomplete and insufficient physical evidence. The majority of the studies 
describing the phase behavior of these reactions assume the transition occurs simply 
because the two reactant phases are highly immiscible and an initial lag in the methyl 
ester production is often observed. High immiscibility and a lagging reaction rate do not 
necessarily imply mass transfer control, as will be shown in this chapter. For example, a 
sigmoidal methyl ester production curve, i.e. one that displays an initially slow rate 
followed by a fast acceleration, can be obtained for the transesterification reaction 
between the highly immiscible components soybean oil and methanol while the rate is 
exclusively under reaction control, even with minimal mixing. 
The objective of this chapter, therefore, is to develop simple and fundamental 
experiments that provide a better understanding of the complicated nature of the two-
phase system and its effects on the transesterification reaction kinetics. A significant 
portion of this chapter will be spent on properly defining mass transfer control and 
reaction control for transesterification reaction systems and to demonstrate what the 
definitions physically signify within the system. An experimental setup was designed 
specifically for obtaining the necessary data required to show what it means to be under 
mass transfer control or reaction control and how these controlling mechanisms affect 
the overall reaction rate. 
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5.2 Experimental Protocols 
5.2.1 Materials 
Refined soybean oil, methanol, and HPLC-grade 2-propanol were purchased 
from Sigma-Aldrich (St. Louis, MO). Potassium hydroxide (KOH) pellets (88%) from 
Sigma-Aldrich were obtained from local chemical storage. 
 
5.2.2 Experimental Setup 
All transesterification experiments in this study were carried out in a thin 
graduated cylinder maintained at 60°C as shown in Fig. 5.1.!86! This experimental setup 
was carefully designed so that the phases would exist as distinct layers, with the 
methanol phase resting on top of the triglyceride-rich oil phase. The mixing that was 
selected was unique in that each phase was mixed independently so that the contents of 
each phase could be assumed homogeneous and yet the phases would still remain as 
distinct layers. This setup allowed for the interfacial area between the two phases to be 
held constant; it is simply the cross-sectional area of the cylinder. It should be stressed 
that the experimental design was constructed to gain a fundamental understanding of 
transesterification systems, not for a commercialized process. 
 
5.2.3 Methods: HPLC Instrumentation 
HPLC analyses were performed with an Agilent Technologies (Santa Clara, CA) 
1200 Series HPLC equipped with a vacuum degasser, quaternary pump, auto-sampler, 
temperature controlled column compartment, and UV detector. The analysis of the 
transesterification reaction samples was carried out using isocratic elution with a mobile 
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phase consisting of 50% methanol + 50% 2-propanol. Separation was achieved using a 
ZORBAX Eclipse XDB-C18 column (150 X 4.6 mm, I.D., 5 µm). The column 
temperature was maintained at 35°C and detection was carried out using a wavelength 
of 205 nm.  
 
5.2.4 Methods: Determination of Mass Transfer Coefficient 
Based on values of the experimentally measured partition coefficient of the 
catalyst, it was established that the methanol phase is the primary reaction volume of 
the two-phase transesterification reaction. In order for the reaction to proceed, therefore, 
triglycerides must be transferred into the reaction volume where they can then react.  To 
determine the mass transfer coefficient, kL , associated with the transfer of soybean oil 
triglycerides into methanol, the experimental setup shown in Fig. 5.1 was used. As 
mentioned, the surface area, a , between the two phases is constant and known, thus 
allowing the mass transfer coefficient to be calculated. Various agitation speeds were 
studied however the maximum speed was limited by the phase boundary: the agitation 
speed was increased only up to the point at which the phases would remain as two 
distinct layers with a constant interfacial area.  
First, a known quantity of soybean oil and methanol were added to the cylinder 
at room temperature. A methanol to soybean oil molar ratio of 40:1 was selected for 
ease of experimentation. They were brought to 60°C by immersing the cylinder in a 
constant-temperature water bath. During this preheating period, in which there was no 
mixing, it is inevitable that a small quantity of soybean oil triglycerides will diffuse into 
the methanol phase. A sample of the methanol phase was therefore withdrawn after the 
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desired temperature was reached; the concentration of triglycerides in this sample was 
taken as the initial data point, cTG,M 0 . 
The convective mass transfer equation, as defined by Seader and Henley, can be 
written according to: 
dNTG,M
dt = kLa cTG,M
* − cTG,M t( )( )  
where NTG,M  is the total moles of triglycerides transfer into the methanol phase, cTG,M*  
is the concentration of triglycerides at the soybean oil – methanol interface, and 
cTG,M t( )  is the concentration of triglycerides in the bulk of the methanol phase at a 
given time t .!82! As was shown in Chapter 4, it was experimentally determined that the 
equilibrium concentration of soybean oil triglycerides in methanol at T=60°C, cTG,eq , is 
10.03 mM. It is assumed that the concentration of triglycerides at the interface, cTG,M* , 
comes to equilibrium with the methanol rapidly; therefore, the value of cTG,M*  will be set 
equal to cTG,eq . By simple mathematical rearrangement, the convective mass transfer 
equation can be linearized and a plot of ln cTG,M
* − cTG,M t( )
cTG,M* − cTG,M 0
"
#
$$
%
&
''  versus t  should yield a 
straight line with a slope =− kLaVM
, where VM  is the methanol volume. At any given time, 
t , the concentration of triglycerides in methanol, cTG,M t( ) , can be measured with the 
HPLC. 
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5.2.5 Methods: Determination of Rate-Limiting Step 
As mentioned, due to the high immiscibility of soybean oil and methanol, it is 
often hypothesized that the reaction is initially mass transfer controlled.! There is, 
however, still much ambiguity in regards to the rate-limiting step in these reactions. 
Therefore, experiments were again carried out in the experimental setup shown in Fig. 
5.1 to determine whether the rate of reaction is mass transfer or reaction controlled. The 
most important variables that affect the rate-limiting step are the catalyst concentration 
and mixing rate. The effect of catalyst concentration at constant agitation speed will be 
the predominant focus of this chapter. The effect of agitation speed will be briefly 
discussed at the end. For any given experiment, a known quantity of soybean oil 
triglycerides and an appropriate amount of methanol with dissolved KOH were first 
preheated separately to 60°C. Once at the desired temperature, the methanol/KOH 
mixture was added to the soybean oil. Unless otherwise stated, the agitation speed was 
selected so that the initial conditions of each experiment were such that each reactant 
phase existed as a distinct liquid layer with a constant initial interfacial area between the 
phases. 
 
5.3 Triglyceride Mass Transfer  
As mentioned, experiments measuring the mass transfer coefficient of soybean 
oil triglycerides into methanol were carried out using the experimental setup shown in 
Fig. 5.1. The concentration of triglycerides in methanol as a function of time and 
agitation speed can be found in Fig. 5.2. As mentioned, a plot of ln cTG,M
* − cTG,M t( )
cTG,M* − cTG,M 0
"
#
$$
%
&
''  
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versus t  should yield a straight line with slope = − kLaVM
. These plots can be found in 
Fig. 5.3. Using the data in Fig. 5.3, along with the known values of a  and VM , the mass 
transfer coefficient, kL , associated with the transfer of soybean oil triglycerides into 
methanol was calculated for each agitation speed studied; the values are given in Table 
5.1. As expected, the values of the mass transfer coefficient increase with increasing 
agitation. 
It is important to note that these mass transfer studies were conducted between 
essentially pure triglycerides and methanol. During transesterification reactions 
however, biodiesel methyl esters are continually accumulating in the system. It has been 
reported that methyl esters can enhance the solubility and mixing of the phases but very 
little physical data exists. Therefore, the mass transfer of triglycerides into methanol at 
increasing methyl ester compositions was studied. It was first observed that the 
presence of methyl esters increased the equilibrium concentration of triglycerides in 
methanol, cTG,eq . Next, experiments were conducted to measure the mass transfer 
coefficient in the presence of methyl esters. It was observed that fatty acid methyl esters 
increase the overall rate of mass transfer, as can be seen from Fig. 5.4. Values for the 
equilibrium concentration of triglycerides in methanol, along with values of the mass 
transfer coefficient, both as functions of increasing methyl ester concentration, can be 
found in Table 5.2. From this data, it is evident that the presence of methyl esters 
increases both the solubility of triglycerides in methanol and the mass transfer 
coefficient. This supports the claim that methyl esters act to enhance the mixing 
between the two reactant phases. 
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From these experiments it was determined that the maximum agitation speed 
employable in the experimental setup shown in Fig. 5.1 while still maintaining a 
constant interfacial surface area between pure methanol and pure soybean oil 
triglycerides was 180 RPM. Unless otherwise stated, 180 RPM will therefore be 
employed for the remainder of the experiments in this chapter. This ensures that the 
initial conditions of each experiment will be such that there exists two distinct reactant 
phases with a constant interfacial surface area between them. 
 
5.4 The Rate-Limiting Step in Transesterification Reactions 
Now that information regarding the mass transfer of triglycerides into the 
reaction volume has been obtained, the rate-limiting step can be investigated more 
thoroughly. Before the results are presented, it is prudent to define what is means for the 
transesterification reaction rate to be mass transfer controlled and reaction controlled. 
First, the rates of the triglyceride mass transfer (MT) into the methanol phase and the 
triglyceride reaction (R) inside the methanol phase will be defined as: 
dcTG,M
dt MT
=
kLa
VM
cTG,M* − cTG,M t( )( )   (5.1) 
dcTG,M
dt R
= −kcTG,M t( )     (5.2) 
Again, cTG,M t( )  refers to the triglyceride concentration in the methanol phase; this is not 
necessarily the same value as the total concentrations of triglycerides in the system. 
Differentiating between the rates of triglyceride mass transfer into the methanol phase 
and the triglyceride reaction to form methyl esters facilitates defining mass transfer 
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control and reaction control as well as the ability to identify which one limits the rate at 
any given time. The transesterification reaction rate is defined as being under mass 
transfer control when the mass transfer rate into the methanol phase is less than the 
reaction rate of triglycerides to form methyl esters, thus: 
dcTG,M
dt MT
<  dcTG,Mdt R
  (5.3) 
To experimentally compare the rates of mass transfer and reaction, the primary reaction 
volume, i.e. the methanol phase, was sampled and its contents analyzed using the 
HPLC. Mass transfer control is physically signified by the absence of soybean oil 
triglycerides in the methanol phase. When this result is observed, it is because 
triglycerides react to form biodiesel methyl esters as soon as they enter the methanol 
phase; thus only methyl esters are detected. The term mass transfer control is thus used 
to signify that the overall rate of methyl ester production is physically limited by the 
rate of triglyceride mass transfer into the methanol phase. 
On the other hand, the transesterification reaction rate is defined as being under 
reaction control when the rate of mass transfer of triglycerides into methanol is greater 
than the reaction rate of triglycerides to form methyl esters: 
dcTG,M
dt MT
>  dcTG,Mdt R
  (5.4) 
When this occurs, triglycerides will be detected in the methanol phase because the rate 
of mass transfer is now greater than the rate of reaction. This allows triglycerides to 
accumulate in the reaction volume. Thus, the term reaction control is used to signify 
that the overall rate of methyl ester production is physically limited by the instrinsic 
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reaction rate between the two individual reactant species. This does not mean that the 
rate of mass transfer has no effect on the overall rate; rather, it emphasizes the fact that 
the instrinsic reaction rate is not great enough to consume all of the triglycerides as they 
enter the reaction volume; thus an accumulation of triglycerides in the reaction volume 
occurs. 
To experimentally investigate the rate-limiting step, the transesterification 
reaction was again carried out in the experimental setup shown in Fig. 5.1. A series of 
experiments were carried out in which the catalyst loading in the methanol phase was at 
1.0, 0.5, 0.25, 0.125, 0.0625, 0.03125 wt.% of the soybean oil. At a 40:1 methanol to oil 
molar ratio, these catalyst loadings correspond to methanol phase molar concentrations 
of 96, 48, 24, 12, 6, and 3 mM, respectively. The goal of these experiments was to keep 
reducing the catalyst concentration until triglyceride species were detected in the 
methanol phase. The catalyst concentration at which the triglyceride species are first 
detected is the point at which the rate-limiting step transitions from mass transfer 
control to reaction control. It should be noted that when a sample was withdrawn from 
the reaction volume it was immediately neutralized with 1.0 M HCl to stop the reaction. 
The chromatograms shown in Fig. 5.5 visually illustrate the transition of the 
rate-limiting step. It can be seen that when the catalyst loading in the methanol phase is 
1.0 wt.% of the soybean oil at a 40:1 methanol to oil molar ratio, no triglycerides are 
detected in the methanol phase, only methyl esters. Based on the definitions previously 
outlined, this is indicative of mass transfer control. As the catalyst loading is reduced 
down to 0.0625 wt.% of the soybean oil, however, triglycerides are clearly present in 
the methanol phase. This indicates that the mass transfer rate is now greater than the 
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reaction rate, thus allowing triglycerides to accumulate in the methanol phase. Under 
these conditions the overall rate is defined as reaction controlled. At any given time, the 
triglyceride concentration in the methanol phase is dependent on the competing rates of 
mass transfer into the methanol phase and the reaction to form methyl esters.  
Now that the terms mass transfer control and reaction control for 
transesterification reactions have been clearly defined, along with the development of a 
simple experimental method for determining which mechanism is limiting, the reaction 
rate under both controlling regimes are analyzed and compared. 
 
5.4.1 Mass Transfer Control 
 From the data obtained in Fig. 5.5, reaction conditions consisting of a methanol 
to oil molar ratio of 40:1, a catalyst loading of 1.0 wt.% SBO, and T = 60°C result in a 
mass transfer controlled reaction rate. These conditions were therefore selected as 
control experiment for the analysis of the mass transfer controlled transesterification 
reaction. Again using the experimental setup shown in Fig. 5.1, the composition of 
methanol phase, i.e. the primary reaction volume, was analyzed throughout the length of 
the reaction. The results can be seen in Fig. 5.6.  
As can be seen, there are no soybean oil triglycerides observed in the methanol 
phase during the first 105 minutes of reaction, clearly indicating mass transfer control. 
During this mass transfer controlled period, the methyl ester production rate is relatively 
constant. After t = 105 minutes, however, triglycerides are suddenly detected in the 
methanol phase. This is a result of increased mass transfer, which has been shown to 
increase with increasing methyl ester concentration. Thus it can be said that under the 
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present conditions the overall rate has transitioned from mass transfer control to 
reaction control, as was initially hypothesized in the literature. Interestingly, however, 
at t = 105 minutes the system still remains as two distinct phases, i.e. distinct liquid 
layers, as shown in Fig. 5.7. As the time increases beyond t = 105 minutes, small 
droplets of the triglyceride phase begin to form in the methanol phase and the reaction 
volume begins to appear as an emulsion with an ever-increasing quantity of oil droplets 
until the two-phase system eventually transitions to a single phase system. Under the 
present conditions, the phase transition occurs at t = 150 minutes, as is shown in Figs. 6 
and 7. As can be seen from the methanol phase compositions in Fig. 5.6, the 
concentration of triglycerides in the methanol phase surges and experiences a maximum 
at the time of the phase transition. 
It should be stressed that the fact that the rate-limiting step has transitioned from 
mass transfer control to reaction control does not mean that mass transfer no longer has 
an effect on the overall rate. Rather, it means that the overall rate is now limited by the 
instrinsic reaction rate instead of the mass transfer rate. No longer is it possible for the 
catalyst to consume all of the triglycerides as they enter the reaction volume. As a 
result, there is an accumulation of triglycerides within the reaction volume. 
One final word on the initial mass transfer controlled regime (data before t = 105 
minutes in Fig. 5.6). Fig. 5.8 displays data from two separate experiments. The first data 
set, labeled cFAME , is indicative of the methyl ester concentration in the methanol phase 
during the first 10 minutes of the transesterifcation reaction under mass transfer control. 
The slope of this line is therefore the initial rate of methyl ester production under mass 
transfer control. The second data set, labeled cTG , is indicative of the triglyceride 
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concentration in the methanol phase during the soybean oil triglyceride mass transfer 
experiments previously discussed, i.e. when no catalyst is present in the methanol 
phase. The slope of this line is therefore the rate of the triglyceride mass transfer (these 
data are also present in Fig. 5.2, 180 RPM). As can be seen, the observed rate of methyl 
ester production under mass transfer control is approximately 3 times the rate of the 
triglyceride mass transfer (the slopes of 1.32 mM min-1 and 0.41 mM min-1), as is 
predicted by the reaction stoichiometry. The discrepancy between the absolute values of 
the triglyceride and methyl ester concentrations is due to the initial mixing that occurs 
when methanol with dissolved catalyst is added to soybean oil.  
 
5.4.2 Reaction Control 
Again using Fig. 5.5 as a screen, it can be seen that reaction conditions 
consisting of a methanol to oil molar ratio of 40:1, a catalyst loading of 0.0625 wt.% 
SBO, and T = 60°C result in a reaction controlled reaction rate. These conditions were 
therefore selected for the analysis of the reaction controlled transesterification reaction, 
which will be compared to the previously discussed mass transfer controlled reaction 
rate. Again using the experimental setup shown in Fig. 5.1, the composition of methanol 
phase, i.e. the primary reaction volume, was analyzed throughout the length of the 
reaction. The results can be seen in Fig. 5.9. 
When the reaction controlled rate is allowed to run to completion, it is evident 
that similar acceleratory behavior as displayed by the mass transfer controlled rate is 
observed by the reaction controlled rate. The fact that the system has been under 
reaction control the entire time, as signified by the presence of triglycerides in the 
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methanol phase throughout the entirety of the reaction, and still displays a sigmoidal 
methyl ester production curve proves that the accelerating rate is not necessarily caused 
by a transition from mass transfer controlled regime to reaction controlled regime, as is 
hypothesized in the literature. Rather, the acceleration occurs as the system transitions 
from a two-phase system to a single-phase system, in this case at t = 270 minutes due to 
the presence of less catalyst. As was observed in the mass transfer controlled reaction, 
the concentration of triglycerides in the methanol phase experiences a maximum at the 
time of the phase transition.  
As emphasized for the mass transfer controlled data, it should be stressed that 
the term reaction control is used because the overall rate is limited by the intrinsic 
reaction rate. It is not meant to signify that mass transfer has no effect on the reaction 
but rather that the overall rate is never limited by mass transfer. This is indicated by the 
fact that there was always an accumulation of triglycerides in the reaction volume 
available to react. 
 
5.5 The Phase Behavior Effect on the Kinetics of Transesterification Reactions 
The fact that the transesterification reaction accelerates under both mass transfer 
control and reaction control is intriguing for a variety of reasons. Most importantly, it 
suggests that the acceleration of the methyl ester production is not necessarily caused by 
a change in the rate-limiting step, which is often claimed in the literature. Rather, the 
acceleration is caused by a phase transition from two-phases to a single phase. It was 
shown that the concentration of triglycerides in the methanol phase experiences a 
maximum at the time of the phase transition. Thus: 
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dcFAME
dt max
∝ cTG,Mmax  
This result is clearly observed in Figs. 5.6 and 5.9.  
If the concentrations of the intermediate species are assumed to remain 
relatively low throughout the reaction (Steady State Approximation!87!) the methyl ester 
rate can be approximated according to: 
dcFAME,M
dt ≈ 3
dcTG,M
dt    (5.5) 
The rate of change of the triglyceride concentration within the methanol phase with 
time, , has already been defined for the competing cases of mass transfer control 
and reaction control, as found in Eqns. 5.1 and 5.2, respectively. Therefore, the methyl 
ester production rate under both mass transfer and reaction control can be approximated 
accordingly: 
dcFAME,M
dt MT
≅ 3 kLaVM
cTG,M* − cTG,M t( )( )   (5.6) 
dcFAME,M
dt R
≅ 3kcTG,M t( )    (5.7) 
Again, cFAME,M  and cTG,M  refer to the concentrations in the methanol phase. Eqn. 5.7 
can only be used to approximate the reaction rate constant, k , when the system is under 
reaction control. As has been shown, reaction control may exist for the entire length of 
the reaction or only a portion of the reaction, depending on the conditions selected.  
The reaction rate constant was determined using Eq. 5.7 for the data collected 
during the reaction controlled regime of Fig. 5.6 (i.e. after t = 105 minutes); a value of 
€ 
dcTG,M
dt
!! 120!!
k = 1.43 min-1 was obtained. Since the mass transfer coefficient, kL , has previously 
been determined, Eqns. 5.6 and 5.7 can then be used to predict the methyl ester 
production curve as the rate-limiting step changes from mass transfer control to reaction 
control. The comparison between the experimental and theoretical methyl ester 
production rates when catalyst concentration is at 1.0 wt.% SBO can be seen in Fig. 
5.10. The reaction rate constant for the data in Fig. 5.9, in which the catalyst 
concentration is 0.0625 wt.% SBO, was similarly determined using Eq. 5.7; a value of 
k  = 0.57 min-1 was obtained. The comparison between the experimental and theoretical 
methyl ester rates for this data set is shown in Fig. 5.11. 
 
5.5.1 Thermodynamics of the Phase Transition 
Since the maximum reaction rate, regardless of the initial rate-limiting step, 
occurs as the system transitions from two phases to a single phase, it is important to 
analyze this phase transition. In doing so, the solubility parameter of the methanol phase 
was examined. Recall from Chapter 3 that the solubility parameter of pure component i, 
δi , is the square root of the cohesive energy density of the pure component i  in the pure 
state:!84!  
δi =
ΔEv( )i
Vi
"
#
$
%
&
'
1/2
 
The cohesive energy density is a measure of the strength of intermolecular forces 
holding molecules together in the liquid state per unit volume of liquid. It is defined as 
the ratio of the latent energy of vaporization of a pure component, , to the molal 
€ 
ΔEv( )i
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volume of that component, Vi . According to King, a general rule is that components or 
phases with solubility parameters differing by greater than 3 (cal/cm3)1/2 will form two 
separate liquid phases. 84  As can be seen from Table 5.3, the solubility parameters of 
the initial reactant phases differ by 6.5 (cal/cm3)1/2 and thus two liquid phases are 
observed.  
As the transesterification reaction proceeds however, triglycerides and 
especially methyl esters continue to accumulate in the methanol phase. This has the 
effect of lowering the volume average solubility parameter, 
€ 
δ , of the methanol phase, 
given by: 
δ =
δ jVjx j
j=1
R
∑
Vjx j
j=1
R
∑
 
where δ j  is the solubility parameter of pure component j , Vj  is molar volume of 
component j , and x j  is the mole fraction of component j . As the average solubility 
parameter of the methanol phase falls, its value moves closer to that of soybean oil. 
Additionally, there is likely some methanol and methyl ester species that transfer from 
the methanol phase into the soybean oil phase; this would raise the volume average 
solubility parameter of this phase. Eventually the solubility parameters of the two 
phases become close enough so that the system transitions from two phases to single 
phase. 
 Physically, a reduction in the value of the volume average solubility parameter 
indicates a reduction in the overall strength of intermolecular forces holding the 
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molecules together per unit volume of liquid. Thus, as the strength of intermolecular 
forces begins to weaken, it becomes easier for triglycerides to enter that phase. This is 
what has been experimentally observed.  
 
5.6 The Effect of Mixing on the Rate-Limiting Step 
It has been clearly established that at a constant agitation speed the catalyst 
concentration has a direct effect on the rate-limiting step. High catalyst concentrations 
result in mass transfer control while low catalyst concentrations result in reaction 
control. The catalyst concentration, however, is not the only variable that affects the 
rate-limiting step. Whereas the catalyst concentration directly affects the reaction rate, 
the agitation speed directly affects the mass transfer rate, which, in turn, will affect the 
rate-limiting step. The rate of mass transfer is proportional to the surface area between 
the two phases. As agitation is increased, the surface area between the two phases 
increases. This results in an increase in the mass transfer rate of triglycerides into 
methanol. As a result, the overall rate is forced into the direction of reaction control. 
This is shown in Fig. 5.12, where it can be seen that at any given catalyst concentration, 
the amount of triglycerides in the methanol phase increases with increasing agitation.  
To illustrate how the transition of the rate-limiting step from mass transfer 
control to reaction control is affected by the agitation intensity, the data in Fig. 5.13 was 
collected at a mixing rate of 360 RPM. By comparison of Fig. 5.5 (180 RPM) to Fig. 
5.13, it can be seen that when the mixing rate is increased, the transition from mass 
transfer control to reaction control occurs at a higher catalyst concentration. This is 
because higher agitation results in increased mass transfer. Therefore, if mass transfer 
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control is to occur at increased agitation speeds, high concentrations of catalyst must be 
present. This is clearly illustrated in Figs. 5.5 and 5.13. In Fig. 5.5, which was obtained 
at a mixing rate of 180 RPM, a catalyst loading of 0.25 wt.% SBO results is 
approximately the point at which the rate-limiting step transtitions from mass transfer 
control to reaction control. In Fig. 5.13, obtained at a mixing rate of 360 RPM, a 
catalyst loading of 0.5 wt.% SBO is the approximately point at which the rate-limiting 
step transitions from one controlling regime to the other. 
At agitation speeds that result in complete emulsification, as seen by the 540 
RPM data points in Fig. 5.12, it is very clear that oil triglycerides are present in the 
methanol phase right from the very beginning of the reaction and thus, based on the 
definitions of mass transfer control and reaction control, the rate is under reaction 
control. As was seen in Figs. 6 and 9, high concentrations of triglycerides in the 
methanol phase results in a correspondingly high reaction rate.  
 
5.7 The Effect of Molar Ratio on the Transesterification Reaction Kinetics 
The fundamental insights thus far elucidated in regards to the phase behavior 
effect on the transesterification reaction kinetics have been done so utilizing the unique 
conditions present in the experimental setup shown in Fig. 5.1. In industrial 
applications, the transesterification reaction is never carried under such idealized 
mixing conditions. Thus, experiments were conducted with conditions that better 
resemble the conditions common in industrial processes. Specifically, the mixing that 
was applied was intense enough to completely emulsify the system. Under these high 
mixing conditions, it is impossible to independently sample each respective phase and, 
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for example, obtain values for the triglyceride concentration within the methanol phase. 
Rather, a sample of the entire reaction mixture must be taken and only the bulk 
concentrations within the entire system can be calculated. Regardless, this will provide 
enough data so that the theory of the phase behavior effect can be used to explain basic 
trends. 
It has previously been shown that the maximum observed transesterification 
reaction rate, dcFAMEdt max
, occurs as the system transitions from two phases to a single 
phase.!86!  When this phase transition occurs, the concentration of triglycerides in the 
reaction volume, i.e. the methanol phase, rapidly increases and, as a consequence, the 
reaction rate increases proportionally. Since the accumulation of methyl esters in the 
system is the primary cause of the phase transition, there is most likely a critical methyl 
ester concentration in the methanol phase, cFAME,MeOH* , at which the phase transition 
occurs. The data from Figs. 5.6 and 5.9 suggests that cFAME,MeOH*  is approximately 0.6 M. 
The critical triglyceride conversion, XTG* , (also approximately equivalent to the critical 
methyl ester yield, YFAME* ) at which cFAME,MeOH*  is reached can be calculated as a function 
of the initial molar ratio. The results are shown in Table 5.4. Note that these values are 
theoretical and based on the estimated value of cFAME,MeOH*  = 0.6 M.  
It is evident that at low methanol to oil molar ratios less triglycerides need to be 
converted, or, equivalently, less biodiesel methyl esters need to be produced, in order to 
reach the critical methyl ester concentration for the phase transition. Thus, it can be 
stated that when equal amounts of catalyst are present, the time at which systems with 
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different molar ratios reach their maximum reaction rate will be earlier for systems with 
lower molar ratios. This result is clearly observed in Fig 5.14. 
Before moving on, a brief word should be given in regards to the phase 
transition. At a molar ratio of 40:1 and a reaction temperature of 60°C, a true single 
phase does in fact emerge. At lower molar ratios, however, the system transitions to 
what can be called a pseudo-single phase, likened to a quasi-stable emulsion with high 
interfacial surface area. Even though a true single phase never quite emerges at low 
molar ratios, the basic phenomena are still identical. Since most commercial operations 
employ low molar ratios, the term pseudo-single phase will be used from here on out.  
Returning now to the data in Fig. 5.14, it can also be seen that increasing the 
molar ratio while maintaining a constant catalyst loading results in a slight reduction in 
the maximum reaction rate, dcFAMEdt max
, whatever that value may be. At molar ratios of 6 
and 10, the maximum reaction rates that were observed are clearly greater than the 
maximum rate observed at a molar ratio of 20, and, furthermore, at 40. Thus, it can be 
stated that at constant catalyst loading: 
dcFAME
dt max,6
>
dcFAME
dt max,10
>
dcFAME
dt max,20
>
dcFAME
dt max,40
 
The reason for this can be explained by examining the overall concentration of the 
constituent reactant species as a function of increasing methanol concentration, as 
shown in Table 5.5. It can be seen that low molar ratios result in a relatively high 
overall concentration of triglycerides whereas high molar ratios result in relatively low 
triglyceride concentrations. In this manner, the addition of methanol can be viewed as a 
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means to dilute the overall concentrations of the other species in the system. 
Furthermore, it was mentioned that the reaction rate is proportional to the concentration 
of triglycerides in the methanol phase: 
dcFAME
dt ∝ cTG,MeOH  
Additionally, the maximum observed reaction rate is found when the system transitions 
to a single phase, which is when the concentration of triglycerides in the methanol 
phase reaches its maximum: 
dcFAME
dt max
∝ cTG,MeOH max  
Thus, at high molar ratios, cTG,MeOH max , again, whatever that value may be, is less than 
cTG,MeOH max  at low molar ratios by the sheer fact that the high concentration of methanol 
at high molar ratios acts to dilute the triglyceride species in the system. As a 
consequence, the maximum achievable reaction rate is lower at high methanol to oil 
molar ratios. 
Table 5.5 also shows that a second effect of increasing the molar ratio while 
holding the catalyst loading constant is that the catalyst concentration in the methanol 
phase is diluted. This is because the catalyst loading is taken as a weight percentage of 
the initial mass of the oil triglycerides (1.0 wt% of the oil in this case), which remains 
constant. This slight reduction in catalyst concentration will also reduce the reaction 
rate in a similar manner as just discussed for the triglycerides. The effect of varying the 
catalyst concentration while holding the molar ratio constant will be put aside for the 
timing being, however. 
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The primary focus of this chapter has thus far been on what can be called the 
early stages of the reaction. Attention has been given to the timing at which the 
maximum reaction rate is observed, the driving force behind the accelerating reaction 
rate, and the subsequent behavior of the reaction as the molar ratio is changed. This is 
not the entire story, however. The data in Fig. 5.14 indicate that changing the molar 
ratio also affects what can be called the later stages of the transesterification reaction. 
Specifically, it shows that increasing the molar ratio results in increased biodiesel 
methyl ester yields. Thus, the next section discusses the long-term behavior of 
transesterification reactions, and, specifically, the effect of the by-product glycerol on 
this behavior. 
 
5.8 The Inhibitory Effect of Glycerol on the Transesterification Reaction 
The long-term behavior of transesterification reactions has received much less 
attention as compared to the initial behavior of the reactions, however, it has been noted 
that deviations from standard second-order reaction kinetics occur during the later 
stages of transesterification reactions. Specifically, the reaction generally progresses 
slower than would be expected during these later stages. Boocock et al. have considered 
two possible explanations: (1) a fall in the catalyst concentration due to consumption 
caused by saponification side reactions, and (2) a reduction of polarity caused by the 
mixing of methanol with a nonpolar triglyceride source. 47, 48  By measuring the 
concentration of alkali-ions throughout the reaction via titration, they ultimately showed 
that the half-life of the alkali-ions were too long to explain the sudden slowing down of 
the reaction. They eventually concluded that a fall in overall system polarity reduces the 
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effectiveness of the basic catalysts and plays a role in reducing the reaction rate. 
Darnoko and Cheryan noticed a similar phenomenon and thus proposed a second-order 
kinetic model for the initial stages of the reaction followed by first-order or zero-order 
model for the later stages of the reaction. 57  
Mao et al. have also studied the base-catalyzed transesterification of soybean oil 
with methanol at a methanol to oil molar ratio of 6:1 and similarly observed reduced 
reaction rates during the later stages of the reaction.!88!  Their selected conditions were 
unique, however, in that the system was forced into a single phase through the use of 
the co-solvent, tetrahydrofuran (THF). Despite starting as a single-phase, it was 
observed that the reaction later became two phases. This was attributed to the formation 
of glycerol, which is insoluble with THF. The authors note that a fast reaction rate is 
observed during the first minute of reaction. After the first minute, the rate suddenly and 
drastically slows down, regardless of the basic catalyst selected. This phenomenon was 
attributed to the formation of the glycerol phase, in which the catalyst is preferentially 
more soluble.  
More generally speaking, transesterification reactions, especially commercial 
processes for biodiesel production, are carried out without the aid of a co-solvent. When 
this is the case, there is no catalyst sequestration into a glycerol phase per se. Rather, the 
primary reaction volume, i.e. the methanol phase, is constantly accumulating glycerol, 
which has already been shown to partition predominantly to this phase. The glycerol 
concentration in this phase continuously increases for two reasons: (1) it is continuously 
being produced and (2) the methanol is being continuously consumed. As this occurs, it 
is thus hypothesized that the triglycerides become excluded from the methanol phase 
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and the reaction rate is greatly reduced. This is what is termed glycerol inhibition and is 
the focus of the present section. 
It has previously been shown that the methanol phase acts as the primary 
reaction volume of the transesterification reaction system due to the partitioning of the 
majority of the catalyst to this phase.!79,!86!  Additionally, from a biodiesel methyl ester, 
glycerol, and methanol ternary phase diagram, it has been shown that glycerol almost 
exclusively partitions to the methanol phase.!89!  Furthermore, it was shown that as the 
methanol to oil molar ratio is reduced, the resulting concentration of the constituent 
glyceride-based species increase. This includes the by-product glycerol. Thus, it is 
plausible that the reaction is limited not by a chemical or thermodynamic reversibility, 
but rather by high concentrations of glycerol in the methanol phase. If this is true, then 
inhibition should be strongest when glycerol concentration is high, i.e. when methanol 
concentrations are low. Experiments were thus carried out in an attempt to provide more 
quantitative evidence of inhibition by glycerol. 
 
5.8.1 The Reverse Reaction 
The transesterification reaction between an oil triglyceride and methanol has 
previously been reported to be a reversible reaction. 19  Under this methodology, it is 
thus assumed that the reaction has a chemical, or thermodynamic, equilibrium existing 
between the products and reactants. This is often attributed to similar observations such 
as the data shown in Fig. 5.14, in which increases in the methanol content results in 
increased yields. Furthermore, models employing reversible kinetics often provide 
reasonable theoretical approximations to experimental data. If the reaction truly is 
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reversible, then there is no question as to why increased methanol to oil molar ratios 
result in increased yields. It is far from certain, however, if the reaction is in fact 
reversible, as is discussed next.  
As an obvious initial experiment, pure glycerol, commercial biodiesel methyl 
esters, and a concentrated solution of potassium hydroxide dissolved in methanol were 
mixed together at 60°C to determine to what extent, if any, the reverse reaction occurs. 
Ideally, no methanol should be present in the reaction mixture however potassium 
hydroxide is difficult to dissolve in pure glycerol. Regardless, the reaction conditions 
were prepared such that the concentrations of biodiesel methyl esters, glycerol, and 
methanol were identical to the theoretical concentrations that would emerge assuming 
complete conversion from a reaction with an initial 6:1 methanol to triglyceride molar 
ratio. HPLC method A was selected specifically to analyze biodiesel methyl esters and 
monoglycerides, the most probable product of the reverse reaction. The results can be 
seen in Fig. 5.15. The chromatogram labeled t = 0 is that of pure commercial biodiesel 
methyl esters. From these data, it is evident that the chromatogram does not change over 
180 minutes of reaction time. Since most transesterification processes provide reaction 
times on the order of 60 minutes, it was deemed unnecessary to test further reaction 
times.  
A second check on the idea of reversibility, this time more theoretical, can also 
be carried out. Based on the theory of chemical equilibrium, an increase in the 
concentration of any reactant should theoretically cause a shift in the equilibrium 
towards the product side. Thus, if the transesterification reaction were reversible, 
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increases in the overall soybean oil triglyceride concentration would also result in 
higher yields. This obviously does not occur. 
It should be noted that the experiments just discussed do not prove that the 
reaction is, in fact, irreversible. Rather, they show that, in practice, the reverse reaction 
does not occur. It is possible that the reaction is reversible and that the activation energy 
is simply too large. Additionally, it may be possible that the solubility of methyl esters 
in glycerol is too low for any reaction to occur. Regardless, the experiments show that 
the reverse reaction is not the reason for incomplete triglyceride conversions at low 
molar ratio and so, at this point, the reverse reaction between glycerol and methyl esters 
is ruled out. This leads to an alternative hypothesis, that the reaction is limited due to 
product inhibition, or, more specifically, by-product inhibition. This is discussed next. 
 
5.8.2 The Inhibitory Effects of Glycerol 
As an initial experiment, the transesterification reaction was carried out with 
various quantities of excess glycerol initially added to the system. Glycerol was added 
in increments of 20%, 40%, and 60% of the maximum theoretical quantity of glycerol 
that would be produced assuming complete triglyceride conversion. For example, if 10g 
of soybean oil triglycerides are initially present, the reaction stoichiometry indicates that 
the maximum quantity of glycerol that could be produced is 1.06 g. Therefore, the 
sample corresponding to a 20% addition of glycerol contained 1.06 g (0.2) = 0.21 g 
glycerol which was added to the reaction vessel at t = 0 minutes. The results of this 
experiment can be seen in Fig. 5.16 below. From the data in Fig. 5.16, it can be seen 
that glycerol has two effects on the reaction: increasing the glycerol content resulted in 
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slower reaction kinetics as well as reduced methyl ester yields, at least over the time 
period shown in the figure. It should be noted that adding glycerol to the system has 
multiple effects, one of which is to reduce the equilibrium concentration of triglycerides 
in the methanol phase. The other effect is that the catalyst concentration in the methanol 
phase is slightly diluted since the glycerol partitions predominantly to this phase.  
First, the reduction of the equilibrium triglyceride concentration in the methanol 
phase, cTG,eq , resulting from the addition of excess glycerol is quickly discussed. Fig. 
5.17 shows values of the equilibrium concentration of triglycerides in methanol, cTG,eq , 
as a function of increasing glycerol content. It is clear that glycerol reduces the value of 
cTG,eq . Since the reaction rate is directly proportional to the concentration of 
triglycerides in the methanol phase, it is clear the high concentrations of glycerol will 
result in reduced reaction rates. In a previous paper, the concentration of triglycerides at 
the oil – methanol interface, , was assumed to equilibrate rapidly and its value 
estimated from cTG,eq . 86  Thus, a reduction in cTG,eq also results in a weaker driving force 
for mass transfer as expressed by the convective mass transfer equation 82 : 
 
Therefore, the relatively high concentrations of glycerol that result when low molar 
ratios are employed results in a reduction of the mass transfer rate as well as a reduction 
in the reaction rate within the methanol phase. 
Thus, in theory, and assuming the glycerol concentration isn’t high enough to 
completely eliminate triglyceride solubility, the reaction should continue to proceed, 
cTG,M*
dNTG,M t( )
dt = kLa cTG,M
* − cTG,M t( )( )
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albeit slowly, given long periods of time. This was checked by allowing the reaction in 
the presence of 60% extra glycerol to proceed for t = 300 minutes. The methyl ester 
yield at various times throughout the reaction is compared for the cases of 0% extra 
glycerol (control) and 60% extra glycerol and displayed in Table 5.6. The data indicates 
that the methyl ester yield after t = 300 minutes in the presence of 60% extra glycerol 
reaches essentially the same value of the control experiment. This is what would be 
expected for the case of glycerol inhibition rather than from an equilibrium condition. 
 As a final experiment, it was tested to what extent the transesterification reaction 
would advance if the glycerol were removed. Thus, a material balance was carried out 
to determine the relative compositions of biodiesel methyl esters, soybean oil 
triglycerides, and methanol (glycerol was excluded) that are theoretically present when 
XTG  = 0.9 assuming an initial molar ratio of 6:1. Once calculated, the appropriate 
amounts of methyl esters, triglycerides, methanol and KOH were added to the reaction 
vessel. Therefore, the relative compositions of the components in the reaction vessel 
mimic the composition of the reaction under standard conditions except that there is no 
glycerol present (presumably the inhibitor has been removed). This experiment 
mimicking the composition at XTG  = 0.9 is labeled “3:1” in Fig. 5.18. As can be seen, 
approximately 60% of the remaining triglycerides continue to be consumed when 
glycerol is removed. The reaction presumably stops again because of glycerol 
inhibition. The experiment was repeated with an additional 3 moles of methanol, 
bringing the total up to just under 6 moles (thus it is similar to a reaction starting with 
an initial molar ratio of 9). From Fig. 5.18 it is clear that all the triglycerides were 
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consumed at this methanol composition. Only trace amounts of di- and monoglycerides 
remained. 
At this point, all the data presented suggests that glycerol acts to inhibit the 
reaction when low molar ratios are present. This is because low molar ratios result in 
high concentrations of glycerol in the methanol phase, where it predominantly 
partitions. The high concentration of glycerol in the primary reaction volume reduces 
the amount of triglycerides that can transfer into this phase, thus physically inhibiting 
the reaction. As the methanol content is increased the yield increases, as initially shown 
in Fig. 5.14. It can now be stated that increasing the methanol content acts to dilute the 
glycerol concentration in the methanol phase, thus reducing the apparent inhibitory 
effects. 
 
5.9 Quaternary Phase Behavior and Reaction Path 
 Based on the equilibrium phase behavior presented in chapter 4 and the dynamic 
phase behavior under reaction conditions discussed thus far in chapter 5, the 
transesterification reaction trajectory can be briefly discussed. In Fig. 4.5, a commercial 
B100 biodiesel – glycerol – methanol ternary phase diagram was presented. In reality, 
the transesterification system is a triglyceride – biodiesel methyl ester – glycerol – 
methanol quaternary component system. Consequently, a complete phase diagram 
would be in the shape of a pyramid. The ternary phase diagram shown in Fig. 4.5 thus 
comprises only one of the four possible faces of the quaternary phase diagram. A 
representative schematic of what a pyramid-shaped quaternary phase diagram looks like 
is shown in Fig. 5.19. Note that the left front face of the quaternary phase diagram 
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shown in Fig. 5.19(a) comprises the ternary phase diagram shown in Fig. 4.5. 
Furthermore, equilibrium data for the methanol – triglyceride binary phase system was 
presented in Fig. 4.1. These data would be found along the back right spine of Fig. 
5.19(a), the line connecting the points representative of pure methanol and pure 
triglycerides.  
One of the unique phenomena associated with the B100 methyl ester – glycerol 
– methanol ternary phase system was the phase inversion. This is represented in Fig. 4.5 
by the phase inversion line (tie line F). It has also been experimentally observed that 
phase inversion occurs during the transesterification reaction. Initially, the two pure 
reactant species separate into two phases with the nonpolar triglyceride phase on the 
bottom and the polar methanol phase on top. When low molar ratios are used, the 
mixture corresponding to the composition at the end of the reaction separates with the 
nonpolar methyl ester phase on the top and the polar methanol/glycerol phase on the 
bottom. This suggests that, when represented graphically on a quaternary phase 
diagram, there is actually a phase inversion plane that cuts through the diagram, as 
represented schematically in Fig. 5.20. 
The quaternary phase diagram in Fig. 5.20 is used to imagine the reaction 
trajectory: the path of the transesterification system as it transitions from its initial to 
final state. At an initial methanol to soybean oil molar ratio of 6:1, the initial state of the 
system lies along the methanol – triglyceride boundary. It is represented graphically as a 
red square in Fig. 5.20. The final state of the system, assuming complete conversion, 
lies on the face of the pyramid that corresponds to the ternary phase region of methyl 
esters, glycerol, and methanol; the final state of the system is represented as a blue 
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circle. In Fig. 5.20 the reaction trajectory is shown from two different angles as it 
progresses from the initial to final state through the quaternary phase diagram. Recall 
from earlier in this chapter the discussion of the phase transition occurring during the 
reaction. It is hypothesized here that the phase transition, which corresponds with the 
rate acceleration, occurs when the trajectory passes through the phase inversion plane of 
the quaternary phase diagram. As the reaction progresses further the system moves 
away from this phase inversion plane and begins to forms two distinct liquid phases. 
When higher molar ratios are selected, such as 40:1, it was shown that the system 
actually transitions to a true single phase. Therefore, the trajectory will follow a 
different path than the one shown in Fig. 5.20. 
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Figure 5.1 Schematic diagram of experimental setup for transesterification reactions. 
  
!! 138!!
 
 
 
Figure 5.2 Concentration of triglycerides in methanol as a function of time, cTG t( ) , at 
different mixing speeds (MeOH:SBO = 40:1; T = 60°C). 
  
!! 139!!
 
 
Figure 5.3 Plot of ln cTG,M
* − cTG,M t( )
cTG,M* − cTG,M 0
"
#
$$
%
&
''  vs. t  to determine 
kLa
VM  
associated with the mass 
transfer of soybean oil triglycerides into methanol as a function of agitation speed 
(MeOH:SBO = 40:1; T = 60°C). 
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Figure 5.4 Plot of ln cTG,M
* − cTG,M t( )
cTG,M* − cTG,M 0
"
#
$$
%
&
''  vs. t  to determine 
kLa
VM
 associated with the mass 
transfer of soybean oil triglycerides into methanol as a function of fatty acid methyl 
ester concentration (MeOH:SBO = 40:1; T = 60°C; 180 RPM). 
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Figure 5.5 Transition of the transesterification reaction rate from mass transfer control 
to reaction control as a function of decreasing catalyst concentration: (MeOH:SBO = 
40:1; T=60°C; tR=1 min; 180 RPM; TG = Triglycerides; DG = Diglycerides; MG = 
Monoglycerides; FAME = Fatty Acid Methyl Esters). 
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Figure 5.6 Methanol phase composition in mass transfer controlled transesterification 
of soybean oil triglycerides (MeOH:SBO = 40:1; T=60°C; KOH = 1.0 wt.% SBO; 180 
RPM; =, Transition from mass transfer control to reaction control; −, Transition from 
two-phase system to single phase system). 
  
!! 143!!
 
 
Figure 5.7 Pictures illustrating the phase transition occurring in the transesterification 
reaction of soybean oil triglycerides with methanol (MeOH:SBO = 40:1; T=60°C; KOH 
= 1.0 wt.% SBO; 180 RPM). 
  
t = 0 min. t = 90 min. t = 150 min. t = 152 min. 
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Figure 5.8 Comparison of the initial rate of mass transfer of triglycerides into methanol 
(data points labeled cKOH = 0.0 wt.% SBO) and the initial rate of biodiesel methyl ester 
production (data points labeled cKOH = 1.0 wt.% SBO) under mass transfer control 
(MeOH:SBO = 40:1; T=60°C; 180 RPM). 
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Figure 5.9 Concentration of triglycerides and methyl esters in the methanol phase 
during the transesterification reaction under reaction control (MeOH:SBO = 40:1, 
T=60°C; KOH = 0.0625 wt.% SBO; 180 RPM; --, Transition from two-phase system to 
single phase system). 
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Figure 5.10 Comparison of experimental and theoretical methyl ester concentrations 
when the transesterification reaction starts in mass transfer control and transitions to 
reaction control: (MeOH:SBO = 40:1; T=60°C; KOH = 1.0 wt.% SBO; 180 RPM; ==, 
Transition from mass transfer control to reaction control). 
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Figure 5.11 Comparison of experimental and theoretical methyl ester concentrations 
when the transesterification reaction starts in reaction control: (MeOH:SBO = 40:1; 
T=60°C; KOH = 1.0 wt.% SBO; 180 RPM). 
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Figure 5.12 The effect of agitation speed on the initial concentration of triglycerides 
present in the methanol phase (MeOH:SBO = 40:1; T=60°C; KOH = 1.0 wt.% SBO; 
tR=1 min). 
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Figure 5.13 Transition of the transesterification reaction rate from mass transfer control 
to reaction control as a function of decreasing catalyst concentration: (MeOH:SBO = 
40:1; T=60°C; tR=1 min; 360 RPM; TG = Triglycerides; DG = Diglycerides; MG = 
Monoglycerides; FAME = Fatty Acid Methyl Esters). 
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Figure 5.14 The effect of the methanol to soybean oil triglyceride molar ratio on the 
transesterification reaction kinetics (T = 60°C; KOH = 1.0 wt.% SBO). 
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Figure 5.15 HPLC chromatograms of biodiesel methyl ester phase during conditions 
favoring the reverse reaction (T = 60°C). 
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Figure 5.16 Effect of glycerol on the transesterification reaction catalyzed by KOH 
(MeOH:SBO = 6:1; T = 60°C; KOH = 1.0 wt.% SBO). 
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Figure 5.17 Effect of glycerol on the equilibrium concentration of triglycerides in 
methanol, cTG,eq  (T = 60°C). 
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Figure 5.18 Effect of glycerol removal on the triglyceride consumption (T = 60°C). 
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Figure 5.19 Theoretical representation of a triglyceride – methyl ester – glycerol – 
methanol quaternary phase diagram: (a) side view; (b) top view; (c) view of the four 
individual faces, each one of ternary phase diagram. ! !
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Figure 5.20 Theoretical representation of a triglyceride – methyl ester – glycerol – 
methanol quaternary phase diagram with a phase inversion plane (viewed from two 
different angles). The dotted blue line is a theoretical representation of the reaction 
trajectory as it moves from the initial composition (red square - corresponds to a 6:1 
MeOH:SBO molar ratio) to the final composition (blue circle - assumes complete 
conversion). ! !
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Table 5.1 Mass transfer coefficient, kL , of soybean oil triglycerides into methanol at 
various mixing speeds (T=60°C). !
RPM kL  (m/s) 
100 1.46 × 10-5 
140 3.87 × 10-5 
180 4.86 × 10-5 
  
!! 158!!
Table 5.2 Equilibrium triglyceride concentration in methanol, cTG,eq , and mass transfer 
coefficient of triglycerides into methanol, kL , at increasing methyl ester concentrations. 
 
cFAME  
(mM) 
 
(mM) 
kL 
(m/s) 
0 10.03 4.86 × 10-5 
130 12.43 9.66 × 10-5 
260 14.04 1.44  ×10-4 
(MeOH:SBO = 40:1; 180 RPM; T = 60°C) 
  
€ 
cTG*
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Table 5.3 Solubility parameters for components in transesterification reactions. 
 
Component δi (cal/cm3)1/2 
Glycerol 16.8!85! 
Methanol 14.4!85! 
Methyl oleate 8.3!85! 
Soybean oil 7.9!90! 
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Table 5.4 Calculated critical triglyceride conversion, XTG* (approximately equivalent to 
the critical methyl ester yield, YFAME* ) required to reach cFAME,MeOH* . 
 
MeOH:SBO Molar Ratio XTG*  or YFAME*  
6 0.06 
10 0.10 
20 0.20 
40 0.40 
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Table 5.5 Overall concentrations of soybean oil triglycerides (TG), methanol (MeOH), 
and potassium hydroxide (KOH) at different methanol to soybean oil molar ratios. 
 
MeOH:SBO 
Molar Ratio 
cTG  
(M) 
cMeOH  
(M) 
cKOH  
(M) 
6:1 0.84 5.04 0.639 
10:1 0.74 7.39 0.383 
20:1 0.57 11.37 0.192 
40:1 0.39 15.56 0.096 
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Table 5.6 Effect of glycerol on the biodiesel methyl ester  
yield (MeOH:SBO = 6:1; T = 60°C; KOH = 1.0 wt.% SBO). 
 
Time 
(min) 
Biodiesel Methyl Ester Yield (%) 
0% Extra 
Glycerol 
60% Extra 
Glycerol 
0 0 0 
1 87.6 19.0 
2 89.8 45.8 
6 90.6 76.0 
300 98.7 98.5 
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Chapter 6 
 
 
Theoretical Approach to Transesterification 
Reactor Design for Continuous  
Biodiesel Production 
 
 
 
6.1 Introduction  
  In a general analysis of the large class of chemical reactions whose rate 
decreases on approach to equilibrium, it is well known that continuous stirred tank 
reactors (CSTR) always require a larger volume than plug flow reactors (PFR) for any 
given reactor duty. 87  Despite this fact, stirred tank reactors, in both batch and 
continuous operation, are the most common type of reactor used for biodiesel 
production. 11, 91-96  This is most likely due to the intense mixing required to initiate the 
reaction. Since tubular plug flow reactors generally don’t employ mechanical forms of 
agitation, there are fewer reports of the use of these types of reactors. However, through 
the use of various forms of static mixers, some reports of plug flow reactors have been 
given. 97-99  While most processes utilize a single stirred tank reactor, the 
transesterification process is sometimes carried out in two steps. 92, 100  It is noted that 
the two-step process has the potential of using less alcohol than a single step process. 
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While most likely true, the authors provide no reason for why the two-step process is 
more efficient than the single step process. In fact, judging from the vast number of 
studies incorporating only a single stirred tank reactor, it is clear that there is a need for 
a comprehensive analysis and comparison of the use of a batch reactor, a CSTR, 
multiple CSTRs in series, and a PFR for biodiesel production.  
 The objective of this chapter, therefore, is to develop a theoretical and rational 
approach to transesterification reactor design with the objective of continuous biodiesel 
production. First, batch reactor data are used to formulate a kinetic rate expression that 
incorporates the inhibitory effects of the by-product glycerol. Once a kinetic expression 
is established, the batch data enable a theoretical comparison of various types of 
continuous reactors for biodiesel production. First, however, a basic review of some of 
the basic features of commercial transesterification processes is given.  
 
6.1.1 Commercial Biodiesel Production Processes 
 The basic transesterification process employing a batch reactor or a CSTR can 
be seen in Fig. 6.1. 11  The methanol, oil, and catalyst are fed to the reactor and mixed 
for approximately 60 minutes at T = 60°C. The product stream leaving the reactor is fed 
to a separator, either a settling tank or a centrifuge. When low methanol to oil molar 
ratios are used in the reactor, the methyl ester phase settles as the top phase within the 
separator. The methyl ester phase is then neutralized, the methanol is removed and 
recycled, and finally any residual glycerol and catalyst are removed via washing with 
water. The heavier phase, consisting of glycerol, excess methanol, and most of the 
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catalyst is also neutralized. The methanol and glycerol are then separated, generally via 
distillation, and the excess methanol is recycled. 
 The two-phase transesterification process is shown in Fig. 6.2. 91  The two-stage 
process has been reported using two CSTRs as well as PFRs. 92, 100  Generally, ~80% of 
the methanol and catalyst are mixed with the oil in the first reactor. Then, the product 
stream leaving this reactor goes through a glycerol removal step before entering the 
second reactor, where the remaining ~20% of the methanol and catalyst are added. 
Similar separation steps as encountered in the single-stage process are then employed to 
further purify the methyl ester and glycerol streams.  
 
6.1.2 Graphical Comparison of Different Reactor Types 
 When it comes to the overall economics of a given transesterification process, 
the efficiency of the reaction unit can greatly affect the overall process economics. As 
mentioned, it is often reported that the two-step transesterification process with glycerol 
removal is more efficient than the one-step process, however few reasons as to why this 
is true have been provided. 11  One of the best and easiest ways to compare one type of 
reactor to another is through the graphical method of comparison. 87  This method 
involves creating a plot of 1
−rTG
 vs. XTG . As an example, a generalized plot is provided 
in Fig. 6.3. From this figure it can be seen that the residence time required to achieve a 
given conversion within a batch or PFR is proportional to the area under the inverse rate 
curve: 
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τ batch = τ PFR = cTG,0
dXTG
−rTG0
XTG∫     (6.1) 
On the other hand, the residence time required to achieve the same conversion in a 
CSTR is proportional to the entire shaded area, both above and below the rate curve: 
τCSTR =
cTG,0XTG
−rTG
     (6.2) 
The reason for this difference has to do with the fact that the concentration of the 
reactant species, e.g., the triglyceride conversion, are continuously changing in both a 
batch and PFR however the conversion is constant within a CSTR. It can immediately 
be seen that in order to predict the performance of a given reactor type, knowledge of 
the reaction kinetics is imperative. Thus, an accurate kinetic model is required to 
efficiently use the graphical method of comparison. 
 One consequence of using the graphical method of comparison is that it provides 
an immediate answer to why the two-stage transesterification process is more efficient 
than the single-stage process. When two CSTRs are employed in series, the total 
residence time of the entire reaction process will be the combined residence times of 
each individual reactor. This is illustrated graphically in Fig. 6.4. Furthermore, the 
addition of a glycerol removal step between reactor 1 and 2 will have a positive effect 
on the reaction rate. 
 As mentioned, it has been reported that ~80% of the methanol and catalyst are 
mixed with the oil in the first reactor and the remaining ~20% aren’t added until the 
second reactor, yet it is unknown how this ratio was determined. With accurate 
knowledge of the reaction kinetics, the graphical method also allows for the optimum 
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size ratio of multiple reactors in series to be determined. The optimization procedure 
involves maximizing the area of a rectangle and can be best explained with reference to 
Fig. 6.5. The area of the rectangle to be maximized, A , is that of the rectangle formed 
from points KLMN. The area of this rectangle is given by the expression: 
A = XTG,1 K − N( )      (6.3) 
where 
K = 1
−rTG XTG,2( )
     (6.4) 
N = 1
−rTG XTG,1( )
      (6.5) 
Note that the value of K is constant and is a function of the desired total conversion of 
the entire process, which is equivalent to the exit conversion from reactor 2, XTG,2 . To 
maximize A , the derivative with respect to XTG,1  of equation 6.3 can be taken and set 
equal to zero: 
dA
dXTG,1
= XTG,1 −
dN
dXTG,1
"
#
$$
%
&
''+ K − N( ) = 0   (6.6) 
Thus, the optimum exit conversion from the first reactor is given by: 
XTG,1 =
K − N( )
dN
dXTG,1
     (6.7) 
Fig. 6.4 depicts two CSTRs in series. There is nothing preventing the design of 3, 4 and 
5 CSTRs in series. It is not difficult to see that as the number of CSTRs in series 
increase, the behavior approaches that of a PFR. 
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 As mentioned, the graphical method of comparison can only be carried out with 
an accurate kinetic model. Thus, the need to develop a kinetic model that accurately 
predicts the dynamics of the system is required. This will be the topic of the next 
section. 
 
6.2 Reaction Kinetics with Glycerol Inhibition 
As briefly discussed in Chapter 1, the kinetic model most commonly employed 
when treating transesterification reactions incorporates 3 consecutive and reversible 
reactions in which a triglyceride species (TG) first reacts with the alcohol (ROH, R = 
CH3, (CH3)2, (CH3)3,  etc.) to produce a fatty acid alkyl ester (RiCOOR; Ri = fatty acid 
chain of triglyceride) and a diglyceride (DG). The diglyceride then proceeds to react 
with another alcohol molecule to form a second alkyl ester and a monoglyceride (MG). 
Finally the monoglyceride reacts with a final molecule of the alcohol to form a third 
alkyl ester and the by-product, glycerol (GL): 
 
As mentioned, the second-order bimolecular-type kinetic rate equations associated with 
these reactions can be written according to: 
        (6.8) 
     (6.9) 
TG + ROH ↔
k−1
k1  DG + R1COOR
DG + ROH ↔
k−2
k2  MG + R2COOR
MG + ROH ↔
k−3
k3  GL + R3COOR
dcTG
dt = −k1cTGcA + k−1cDGcME
dcDG
dt = k1cTGcA − k−1cDGcME − k2cDGcA + k−2cMGcME
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    (6.10) 
 (6.11) 
         (6.12) 
       (6.13) 
where , , and  represent the forward rate constants; , , and  represent 
the reverse rate constants; and , , , , , and 
 
represent the overall 
concentrations of triglycerides, diglycerides, monoglycerides, methyl esters, alcohol, 
and glycerol, respectively. 
 As shown in Chapter 5, the reverse reaction between biodiesel methyl esters and 
glycerol was not observed. Rather, inhibitory effects from the by-product glycerol limit 
the overall conversion of the reaction. Furthermore, it has been well documented that 
experimental reaction data deviates from the second-order bimolecular-type reversible 
kinetics. 47, 48, 57, 86  Thus, the reversible reaction kinetics commonly employed can be a 
bit misleading and, therefore, a kinetic model that incorporates the inhibitory effects of 
the by-product glycerol while still capturing the general trend of the reaction data would 
be best suited for the transesterification reaction data. 
 First, with methanol as the alcohol, the kinetic expression for the forward 
reactions can be re-written from equations 6.8-13: 
dcTG
dt = −k1cTGcMeOH
        (6.14) 
dcMG
dt = k2cDGcA − k−2cMGcME − k3cMGcA + k−3cGLcME
dcME
dt = k1cTGcA − k−1cDGcME + k2cDGcA − k−2cMGcME + k3cMGcA − k−3cGLcME
dcA
dt = −
dcME
dt
dcGL
dt = k3cMGcA − k−3cGLcME
k1 k2 k3 k−1 k−2 k−3
cTG cDG cMG cME cA cGL
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dcDG
dt = k1cTGcMeOH − k2cDGcMeOH     (6.15) 
dcMG
dt = k2cDGcMeOH − k3cMGcMeOH     (6.16) 
dcFAME
dt = k1cTGcMeOH + k2cDGcMeOH + k3cMGcMeOH   (6.17) 
dcMeOH
dt = −
dcFAME
dt       (6.18) 
dcGly
dt = k3cMGcMeOH       (6.19) 
Since the concentrations of the intermediate glyceride species, cDG  and cMG , remain 
relatively low throughout the reaction, the steady-state approximation can be applied: 
dcDG
dt ≅
dcMG
dt ≅ 0       (6.20) 
This assumption is further validated by the fact that the intermediate glyceride species 
are formed in the methanol phase. Thus, mass transfer between phases is not required. 
Rather, the intermediate species can immediately react further upon their production. 
With the steady state assumption, equations 6.15-16 become: 
k1cTGcMeOH ≅ k2cDGcMeOH      (6.21) 
k2cDGcMeOH ≅ k3cMGcMeOH      (6.22) 
Substituting equations 6.21-22 into equation 6.17 yields: 
dcFAME
dt = 3k1cTGcMeOH = −3
dcTG
dt     (6.23) 
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where kobs  is the overall observed rate constant. This provides a much simplified 
expression for the production of methyl esters which results directly from the overall 
reaction stoichiometry  
To incorporate a glycerol inhibition term, the data in Fig. 5.16, which depicts the 
effect of glycerol concentration on the reaction rate, was used to determine how the 
overall observed rate constant changes with increasing glycerol concentration. The 
second-order rate constant was calculated for each data set shown in Fig. 5.16 and 
plotted as a function of the glycerol concentration; the results are shown in Fig. 6.6 The 
relationship between the overall observed rate constant, kobs , and the glycerol 
concentration, cgly , was fit to an exponential curve of the form: 
kobs = k0 exp −αcgly( )      (6.24) 
where k0  is the value of the rate constant in the absence of glycerol and α  is a constant 
associated with the glycerol inhibition. It should be stressed that the overall observed 
rate constant is a function of both the mass transfer rate and reaction rate. From Fig. 6.6 
it can be seen that k0  and α  are equal to 7.141 and 5.868, respectfully. Therefore, the 
consumption of triglycerides and the production of methyl esters can be written from 
equations 6.23 and 6.24: 
dcTG
dt ≅ −k0 exp −αcgly( )cTGcMeOH ≅ −
1
3
dcFAME
dt   (6.25) 
Next, the concentration of triglycerides, cTG , methanol, cMeOH , and glycerol, cgly , can 
all be expressed as a function of the overall triglyceride conversion, XTG : 
cTG = cTG,0 1− XTG( )      (6.26) 
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cMeOH = cMeOH ,0 −3cTG,0XTG      (6.27) 
cgly = cTG,0XTG        (6.28) 
where cTG,0  is the initial triglyceride concentration and cMeOH ,0  is the initial methanol 
concentration. Equations 6.26-6.27 can be substituted into equations 6.25 and simplified 
to: 
dXTG
dt ≅ k0cTG,0 exp −αcTG,0XTG( ) 1− XTG( )
#$ %& M −3XTG[ ]     (6.29) 
where 
M = cMeOH ,0cTG,0  
Further simplification leads to a final kinetic expression in terms of the triglyceride 
conversion: 
dXTG
dt ≅ k0cTG,0 exp −βXTG( ) 1− XTG( ) M −3XTG( )      (6.30) 
where 
β =αcTG,0  
Equation 6.30 is used for the graphical comparison of different reactor types for 
transesterification reactions.  
 
6.3 Comparison of Different Reactor Types for Transesterification Reactions 
6.3.1 Single Reactor Analysis 
Experimental transesterification batch reactor data were obtained using a 
jacketed glass vessel equipped with a magnetic stir bar. The temperature was 
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maintained at 60°C with a constant temperature water bath equipped with a 
recirculating pump. A schematic diagram of the experimental setup can be seen in Fig. 
6.7. The resulting experimental conversion data are plotted in Fig. 6.8 along with the 
theoretical rate curve given by equation 6.30. For comparison, the theoretical second-
order rate curve without glycerol inhibition is also plotted in Fig. 6.8. The raw 
conversion data can be found in Table 6.1. Next, the rate expression found in equation 
6.30 was substituted into equations 6.1-6.2. The expressions were simplified and reactor 
design equations for a batch reactor, CSTR, and PFR were obtained: 
τ batch = τ PFR =
dXTG
k0 exp −βXTG( ) 1− XTG( ) M −3XTG( )0
XTG∫  (6.31) 
τCSTR =
XTG
k0 exp −βXTG( ) 1− XTG( ) M −3XTG( )
   (6.32) 
 The batch reactor data shown in Fig. 6.8 was used to prepare a plot of 1
−rTG
 vs. 
XTG  specific to transesterification reactions. The results were compared to the inverse 
rate curve with glycerol inhibition as shown in equation 6.30, as well as to the inverse 
rate curve without glycerol inhibition. The results can be seen in Fig. 6.9. It can be seen 
that the strong inhibitory effects observed near the end of the reaction result in a sharp 
increase of the slope of inverse rate curve after XTG ≈ 0.8. By using such a plot, the 
significance of the inhibitory effects of glycerol on the reactor design becomes evident. 
Since the objective of this chapter is to determine the optimal strategy for 
continuous biodiesel production, the design equations 6.31-6.32 were used to 
graphically compare the theoretical residence times required to achieve >99% 
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conversion in the two predominant different types of continuous flow reactors: the 
CSTR and a tubular PFR. Equation 6.32 predicts a residence time of approximately 905 
minutes in order to achieve a conversion of >99% using a CSTR. This result is shown 
graphically in Fig. 6.10. This is significantly larger than the residence time required in a 
tubular PFR, which was predicted to be approximately 20 minutes by equation 6.31. 
This is shown graphically in Fig. 6.11. As shown previously, the performance of a batch 
reactor and PFR should be identical, assuming equal levels of mixing. Therefore, the 
prediction of 20 minutes required to achieve >99% conversion has some error 
associated with it since this conversion was not achieved experimentally until times > 
30 minutes. Regardless, this approach readily demonstrates how the inhibitory effects of 
glycerol can greatly affect the overall process dynamics when choosing an appropriate 
reactor. 
It is immediately obvious that when it comes to minimizing residence time, or, 
equivalently, reactor volume, the use of a tubular PFR is vastly superior to the use of 
CSTR. While this is generally true for all reactions, the strong inhibitory effects of the 
by-product glycerol make this especially so for transesterification reactions. The 
required residence time in a CSTR is approximately 450 times larger than that required 
in a tubular PFR. That being said, this analysis assumes that the mixing is constant and 
equal in both types of reactors. For the multi-phase transesterification system, a CSTR 
will clearly provide more mixing than even the best packed-bed tubular PFR. While this 
approach undoubtedly justifies the further investigation of the use of a PFR for 
continuous biodiesel production, it is worth analyzing the effects of using multiple 
reactors in series for transesterification reactions. 
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6.3.2 Multiple CSTRs in Series 
From the single reactor analysis, it is obvious that selecting a single CSTR for 
large-scale continuous biodiesel production is rather impractical. As was mentioned, the 
use of two reactors in series has been reported. 92, 100  Based on the shape of the inverse 
rate curve shown in Fig. 6.9, it is clear that using two CSTRs in series would greatly 
reduce the residence time needed to achieve >99% conversion. When using two CSTRs 
in series, it is noted that approximately 80% of the methanol and catalyst are fed into 
the first reactor and that the remainder is fed into the second reactor. There is no 
discussion of the robustness of this ratio or any attempt to optimize it. The optimization 
procedure outlined in Section 5.1.2 is used here to determine the optimal conversion 
point for two CSTRs in series based on the kinetic expression incorporating glycerol 
inhibition. 
Referring back to Fig. 6.5, the general process for optimizing two reactors in 
series involves maximizing the area of the rectangle KLMN. First, as it is desired to 
achieve >99% triglyceride conversion, the exit conversion of reactor two, XTG,2 , can be 
fixed at 99.5%. Therefore, the optimization procedure involves varying the exit 
conversion out of reactor 1, XTG1 , until the area has been maximized. The values of K 
and N as expressed by equations 6.4 and 6.5 can be written according to the kinetic rate 
expression in equation 6.30: 
K = 1
−rTG XTG,2( )
=
1
k 0cTG0 exp −βXTG2( ) 1− XTG2( ) M −3XTG2( )
 (6.33) 
N = 1
−rTG XTG,1( )
=
1
k0cTG0 exp −βXTG1( ) 1− XTG1( ) M −3XTG1( )
  (6.34) 
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Note that since XTG,2 is fixed, K is a constant. Equation 6.7, reprinted below, showed 
that the area is minimized by the expression: 
dA
dXTG,1
= XTG,1 −
dN
dXTG,1
"
#
$$
%
&
''+ K − N( ) = 0     (6.7) 
Thus, the term dNdXTG,1  
can be calculated by taking the derivative of equation 6.34 
dN
dXTG,1
=
3 1− XTG,1( )+ XTG,1 M −3XTG,1( )+β 1− XTG,1( ) M −3XTG,1( )"# $%k0cTG,0 exp −βXTG,1( )
k0cTG,0 exp −βXTG,1( ) 1− XTG,1( ) M −3XTG,1( )"# $%
2  
(6.35) 
Therefore, a plot of dAdXTG,1
 versus XTG1  enables the optimal exit conversion out of 
reactor 1 to be determined. This is shown in Fig. 6.12 and it can be seen that the optimal 
conversion is approximately 93%. The graphical representation of the optimized ratio of 
two CSTRs in series is shown in Fig. 6.13. It can be seen that using the optimal ratio of 
two CSTRs in series reduces the residence time down to approximately 60 minutes per 
reactor. This corresponds nicely with the United States Department of Agriculture’s 
process model for cost estimation in biodiesel production plants. 92  This model utilized 
two CSTRs in series and estimated a residence time of 1 hr per reactor. 
 
6.3.3 Multiple PFRs in Series 
 It is also possible to run multiple PFRs in series. What is unique of running 
multiple PFRs in series, however, is that there is no optimal ratio of reactor volumes. 
This follows readily from the fact that the reactor volumes are proportional to the area 
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under the inverse rate curve. Thus, regardless of how many PFRs are used, the total 
residence time of all the reactors should be same as if only a single PFR was used. 
Thus, in theory, multiple PFRs in series appears unnecessary. In practice, however, 
process steps between the reactors are sometimes necessary, such as glycerol removal. 
When additional steps are required, multiple PFRs in series are the optimal choice. 
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Figure 6.1 Transesterification process using a batch reactor or CSTR (reprinted from 
Knothe et al. The Biodiesel Handbook; copyright AOCS Press).11  
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Figure 6.3 Comparison of the performance of mixed (batch and CSTR) and plug flow 
reactor for any reaction kinetics using the graphical method of comparison (reprinted 
from Levenspiel, O.; Chemical Reaction Engineering, 3rd Ed. 1999; copyright John 
Wiley & Sons). 87  
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Figure 6.4 Graphical method of comparison for two CSTRs in series (reprinted from 
Levenspiel, O.; Chemical Reaction Engineering, 3rd Ed. 1999; copyright John Wiley & 
Sons). 87  
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Figure 6.5 Maximization of rectangles applied to find the optimum intermediate 
conversion and optimum sizes of two CSTRs in series (reprinted from Levenspiel, O.; 
Chemical Reaction Engineering, 3rd Ed. 1999; copyright John Wiley & Sons). 87  
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Figure 6.6 Observed rate constant, kobs , as a function of glycerol concentration, cgly . 
(MeOH:SBO = 6:1; T = 60°C; KOH = 1.0 wt.% SBO). 
  
kobs = 7.141exp −5.868cgly( )
R2 = 0.988
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Figure 6.7 Schematic diagram of experimental batch reactor setup. 
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Figure 6.8 Experimental transesterification batch reactor data compared to theoretical 
rate curve with glycerol inhibition and theoretical rate curve without glycerol inhibition 
(MeOH:SBO = 6:1; T = 60°C; KOH = 1.0 wt.% SBO; 540 RPM). 
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Figure 6.9 Plot of 1
−rTG
 vs. XTG  for transesterification reactions: comparison of inverse 
rate curve with glycerol inhibition and inverse rate curve without glycerol inhibition. 
(MeOH:SBO = 6:1; T = 60°C; KOH = 1.0 wt.% SBO; 540 RPM). 
  
1
−rTG
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Figure 6.10 Graphical interpretation of the residence time required to achieve XTG > 
99% using a CSTR as predicted by kinetic rate expression with glycerol inhibition. 
  
1
−rTG
τCSTR =
cTG,0XTG
−rTG
≅ 904.4min.
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Figure 6.11 Graphical interpretation of the residence time required to achieve XTG > 
99% using a tubular PFR as predicted by kinetic rate expression with glycerol inhibition 
  
1
−rTG
τ PFR = cTG,0
XTG
−rTG0
XTG∫ ≅19.8min.
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Figure 6.12 Plot of dAdXTG,1
 versus XTG,1 to determine the optimal ratio of two CSTRs in 
series for transesterification reactions. 
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Figure 6.13 Graphical interpretation of the residence time required to achieve XTG > 
99% using the optimal ratio of two CSTRs in series as predicted by kinetic rate 
expression with glycerol inhibition. 
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Table 6.1 Experimental transesterification batch reactor data 
(MeOH:SBO = 6:1; T = 60°C; KOH = 1.0 wt.% SBO; 540 RPM). 
 
Time (min) XTG  
0 0 
0.5 0.342 
1 0.822 
2 0.904 
3 0.928 
4 0.937 
5 0.949 
6 0.955 
10 0.965 
30 0.987 
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Chapter 7 
 
 
Continuous Biodiesel Production with a 
Packed-Bed Tubular Flow Reactor 
 
 
 
7.1 Introduction 
 The theoretical assessment of transesterification reactor design for continuous 
biodiesel production in chapter 5 justified the further investigation of the potential use 
of a tubular flow reactor. As mentioned, strong agitation is required to increase the 
surface area between the two relatively immiscible reactant phases and initiate the 
reaction; hence the popularity of stirred tank reactors. Despite this fact, there are some 
reports of the use of tubular flow reactors for biodiesel production. Not surprisingly, a 
common emphasis of these studies is the need to induce significant agitation without the 
use of mechanical agitators. 
 In one patent for continuous biodiesel production using tubular flow reactors, it 
was noted that Reynolds numbers, Re, greater than 2,300 are required, with the 
Reynolds number being defined according to: 
Re = ρuD
µ  
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where ρ  is the density of the mixture, u  is the average velocity through the tube, D is 
the tube diameter, and µ is the viscosity of the mixture. 100  Furthermore, the patent 
claims that Reynolds numbers greater than 10,000 are most preferred. The only mention 
of how to physically induce this sort of turbulence is to use static mixers. There is no 
mention or diagram of what these static mixers are composed of, however. Other 
reports have provided more specific information in regards to the types of in-line static 
mixers utilized. A common form of these mixers consists of left- and right-hand helical 
mixing elements. 98, 101   
Another interesting method of inducing mixing without the use of mechanical 
agitators has involved microchannels. It is well known that as the size of a system, i.e., 
the cross sectional area available for fluid flow, is decreased, the surface to volume ratio 
increases. This consequently increases the efficiency of heat, mass, and momentum 
transport processes. As mass transfer is an important component of transesterification 
reactions, reactors utilizing microhannels have recently been reported. 99, 102, 103  The 
most practical form of utilizing microchannels involved a tubular reactor packed with 
different sized inert non-porous spheres. 99, 103  The device was constructed such that 
0.39 mm spheres were packed within the void volume left by a packed-bed of 2.5 mm 
spheres. The resulting void space contained microchannels of approximately 300 µm. 
Using a catalyst loading equivalent to 1.0 wt.% of the oil, a conversion of 
approximately 80% was obtained. 
Due to the two-phase nature of the system, there have also been reports that 
utilize mechanical forms of agitation with tubular flow reactors. One such study 
incorporates the use of a high sheer mixer in conjunction with in-line static mixers. 97  
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Other studies have utilized a continuous oscillatory flow reactor and a tubular reactor 
composed of 6 CSTRs in series. 104, 105  
In addition to the common trends of inducing strong agitation, the reports of 
tubular reactors, whether they be packed-bed or not, commonly involves feeding the 
two reactant streams cocurrently up the tubular reactors. In the studies that utilized the 
in-line static mixers, the tubular reactors were positioned in a horizontal orientation.  
This chapter discusses experimental studies involved with the development of a 
packed-bed tubular flow reactor with the objective of continuous biodiesel production. 
In doing so, the following facts in regards to the phase behavior of the multiphase 
system are taken into consideration: 
 
(1) The concentration of triglycerides in methanol is relatively low; thus 
significant agitation is required to initiate the reaction. 
 
(2) The primary product, biodiesel methyl esters, acts to facilitate the 
mixing of the two reactant phases. As a result, the observed reaction 
rate accelerates rapidly upon transition to a pseudo-single phase 
system at a critical methyl ester concentration. 
 
(3) The reaction rate slows dramatically when XTG > 0.85 due to 
inhibitory effects from the by-product glycerol, which accumulates 
in the reaction volume and greatly reduces the solubility of 
triglycerides in methanol. 
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Based on these considerations, the tubular reactor system was designed to utilize the 
positive elements of the natural phase behavior of the transesterification system, 
primarily the transition to a pseudo-single phase. Furthermore, the knowledge that the 
reaction is inhibited by glycerol during its later stages was helpful in computing the 
reactor volume. Before discussing any further design considerations and experimental 
results, a brief overview of operations through fixed beds is given. 
 
7.1.1 Packed Bed Operations  
 Multiphase systems in which a layer of solid particles, i.e., a packed bed, is 
permeated by gas, liquid, or both, are among the most widely used industrial 
applications. 106  Examples include packed distillation and rectification columns, 
absorption and scrubbing equipment, biological filters for waste water treatment, 
adsorption columns, liquid chromatography columns, and, more appropriate to the 
present discussion, trickle bed chemical reactors. One of the characteristic features of 
packed bed processes is the large interfacial surface area between the flowing phases. 
Additionally, individual elements of the flowing fluid exhibit relatively narrow 
distribution of residence times as they phase through the fixed bed. Thus, the flow often 
approaches plug flow. Generally, fixed beds are characterized by the particle size (or, if 
multiple sizes of particles are being used, the distribution function of particle sizes) and 
the void fraction. 
 The void fraction, ε, is defined as the volume of empty space, i.e. the void space, 
within the packed column expressed as a fraction of the total volume of the column 
(void space plus volume occupied by particles). Experimental and theoretical analyses 
!! 196!!
have revealed to extreme states of a randomly packed bed: random dense packing and 
random loose packing. Random dense packing results when the bed is subjected to 
vibration or shaking after the particles have been added to the bed. Random loose 
packing results when no shaking is applied to the bed after the particles have been 
added. As the names suggest, random dense packing results in a lower void fraction 
since the particles are packed more densely throughout the column. Experimental and 
theoretical data set the values of the void fraction at 0.36 and 0.39 for random and loose 
packing, respectively. 106  
In theory, however, truly random beds can only exist in an infinite, unconfined 
space. In reality, the bed is confined by surfaces making up a vessel. Thus, in practice, 
the aspect ratio of the particle size to the bed diameter will affect the void fraction. For 
beds of monosized spheres, the aspect ratio usually affects the void fraction to a greater 
extent than the method of packing. A simple correlation for the dependence of the void 
fraction on the aspect ratio is given by: 
1−ε = 1−ε∞( ) 1−
r
R
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where ε∞  represents the void fraction of a perfectly random bed (0.36 or 0.39 for 
random dense and randomly loosely packed beds, respectively), r  is the radius of the 
packing particle, and R is the radius of the column. 106  This equation illustrates that as 
the aspect ratios becomes smaller, the closer the void fraction comes to approaching a 
truly random packed bed. 
 Other considerations of a fixed or packed bed reactor deal with the fluid flow 
through the bed, often termed the bed hydrodynamics. One such measure of the flow 
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through a packed bed is via the Reynolds number, defined according to the diameter of 
the packing material: 
Re p =
ρu0dp
µ
 
where ρ  is the density of the mixture, u0  is the superficial velocity through the bed, dp
is the diameter of the spherical packing, and µ is the viscosity of the mixture. 107  
Additionally, the flow rates and particle size will affect the pressure drop through the 
bed. The pressure drop may be estimated using the Ergun equation: 
ΔP
L =
150u0µ
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where u0  is the superficial velocity through the bed, µ is the viscosity of the mixture, 
dp is the diameter of the spherical packing, ε is the void fraction, and ρ  is the density of 
the mixture. 107  
 
7.1.2 Residence Time Distribution in a Packed-Bed Reactor 
 One of the critical assumptions of using a tubular reactor is that the streams flow 
in a plug flow pattern. In reality, real equipment always deviates from such an ideal 
flow pattern due to the possible channeling of fluid, aggregation, and the presence of 
stagnant flow regions. 87  It is thus inevitable that some elements of fluid will take 
different paths than others through the packed bed. Depending on the path taken, some 
elements of fluid will take longer to pass through the vessel than others. The 
distribution of the times for a given stream of fluid to leave the reactor is called the 
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residence time distribution (RTD). The RTD is expressed mathematically by the 
function E and has units of time-1. 87  It is convenient to normalize the RTD such that: 
E 
0
∞
∫ dt =1  
 The RTD can be determined experimentally through a step experiment, which 
involves the use of a tracer molecule. Consider v m3/s of fluid flowing through a reactor 
vessel of volume V m3. At time t = 0, the fluid is switched to a second fluid containing a 
tracer with a concentration cmax (kg/m3). The concentration of the tracer leaving the 
reactor, cstep, can be measured as a function of time. An example of such an experiment 
and the resulting curve is shown in Fig. 7.1(a). The step experiment generates what is 
known as the F curve, which is related to the E curve as follows: 
F = E 
0
t
∫ dt  
The relationship between the E and F curves are shown graphically in Fig. 7.1(b). 
 Obtaining the RTD of a given reactor vessel is beneficial for a variety of 
reasons, one of which is the determination of the mean residence time, t , which can be 
calculated from the step experiment according to: 
t =
t dcstep0
cmax∫
dcstep0
cmax∫
=
1
cmax
t dcstep0
cmax∫  
Additionally, the RTD provides information in regards to how much the flow deviates 
from plug flow. Deviation from plug flow results from dispersion. The dispersion 
coefficient, D (m2/s), represents the spreading of a given element of fluid as it passes 
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through the vessel. When referring to flow through a vessel, the dimensionless vessel 
dispersion number, DuL , is used to characterize the extent of dispersion
 87 : 
D
uL→ 0  negligible dispersion: plug flow 
D
uL→∞  large dispersion: mixed flow 
Ideally, the dimensionless dispersion number should be < 0.01 to assume plug flow. 
Values of the dimensionless dispersion number > 1 tend to indicate the flow is closer to 
mixed flow. The concentration of the tracer, cstep, leaving the reactor during the step 
experiment is related to DuL  and the function E based on the expression: 
cstep = t ⋅E =
1
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Therefore, by running the step experiment and obtaining the F curve, one can then 
obtain E and then estimate a value for DuL  from the above equation. 
 
7.1.3 Reactor Design Considerations 
As mentioned earlier, knowledge of the phase behavior of the transesterification 
reaction was used in the design of a tubular flow reactor for continuous biodiesel 
production. Since the reaction is carried out at 60°C, the continuous flow process 
requires preheating the two reactant streams. Rather than preheating the reactant 
streams independently, however, they are brought up to temperature as a mixture; 
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therefore, the preheater will also serve as reactor (reactor 1). Since it is known that the 
two-phase system transitions to a pseudo-single phase system naturally once some 
critical methyl ester concentration has been reached, the mixing in the preheater/reactor 
1 only needs to be strong enough to facilitate the formation of the pseudo-single phase. 
Once formed, the reaction rate will accelerate until the inhibitory effects of glycerol 
take over. Thus, the preheater/reactor 1 will ideally accomplish two main goals: to 
preheat the components to 60°C and to achieve enough triglyceride conversion to 
facilitate the natural formation of a pseudo-single phase. Once at the required 
temperature, the components will enter the primary vessel, the packed-bed reactor. The 
calculations associated with the volume of each vessel are taken up next. 
  
7.2 Experimental Materials 
7.2.1 Metering Pump 
An Eldex Model AA-125-VS two channel metering pump was used to supply 
soybean oil triglycerides and a methanol/KOH mixture to the system. A picture of the 
pump can be found in Fig. 7.2. This pump has the capability of providing flow rates 
ranging from 0.2 – 6.25 cm3/min per channel. To ensure a 6:1 methanol:soybean oil 
triglyceride molar ratio enters the system, the following ratio of volumetric flow rates 
must be maintained: 
FMeOH
FSBO
= 0.257 !
where FMeOH  and FSBO  are the volumetric flowrates of methanol and soybean oil, 
respectively. Note that even though methanol is in excess with respect to moles, there is 
!! 201!!
approximately 4 times the volume of soybean oil triglycerides being fed into the system 
than methanol. Since the volume of the tubular reactor will be fixed, the residence time 
can be changed by changing the total flow rate. 
 
7.2.2 Preheater and Tubular Reactor 1 
The preheater/reactor is of the shell and tube variety constructed from 316 
stainless steel tubing. Water at a temperature of T = 70°C is supplied to the shell side 
using a Haake G constant-temperature water bath equipped with a recirculating pump. 
The vessel was wrapped with fiberglass insulation to help maintain a constant 
temperature. The tubing of the preheater/reactor has an internal diameter of 0.457 cm. 
(0.18 in.). With a length of approximately 100 cm, the total volume of the 
preheater/reactor is approximately 16.4 cm3. To facilitate the mixing of the two reactant 
phases in the preheater, a braided bundle of 28 gauge steel wire was custom prepared in 
the laboratory and fed lengthwise into the preheating tube to act as an in-line static 
mixer. An idealized schematic of such a braided wire bundle is shown in Fig. 7.3. With 
the braided bundle of steel wire in the preheater/reactor, the void volume was 
experimentally measured to be approximately 10 cm3. With a shell side temperature 
varying between 70-80°C, it was experimentally confirmed that the volume of the 
preheater was large enough to bring the exit stream up to a temperature of 60°C at all 
flow rates studied (2.8 cm3/min – 5 cm3/min). In all cases, the mixing was sufficient to 
reach the critical methyl ester concentration required for the phase transition. 
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7.2.3 Packed-Bed Tubular Flow Reactor 
Experimentally, it is easier to change the overall residence time by varying the 
flow rate at a fixed reactor volume as opposed to varying the reactor volume at a fixed 
flow rate. Therefore, the required volume of the packed-bed reactor 2 can be estimated 
using the graphical method as outlined in chapter 6. From that method, it is estimated 
that approximately 25 minutes are required to achieve 99.5% triglyceride conversion. In 
a tubular reactor the residence time will probably be longer than predicted due to the 
non-ideal level of agitation. Regardless, the total reactor volume required to achieve 
99.5% conversion can easily be calculated according to the relationship between the 
residence time, flowrate, and reactor volume: 
VR = FSBO+MeOHτ 0.995  
where VR is the total reactor volume, Ftotal is the combined soybean oil and methanol 
flowrates, and τ 0.995 is the predicted residence time required to achieve a 99.5% 
conversion. Therefore, for total flowrates ranging from 1-5 cm3/min, the total required 
reactor volume ranges from 25-125 cm3. Given the fixed volume of the 
preheater/reactor 1 at 10 cm3, it is evident that even at low flow rates, the volume of the 
packed-bed reactor 2 will need to be much larger than the volume of reactor 1. This is 
not surprising considering the inhibitory effects of glycerol. 
Ultimately, a stainless steel tube with an internal diameter of approximately 
2.275 cm (O.D. 1 in.) and length of 60 cm was used as the primary reactor vessel. This 
corresponds to a total volume of approximately 250 cm3. The column packing consisted 
of 3 mm diameter non-porous glass spheres. Based on the relationship between a truly 
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random densely packed bed and the aspect ratio, the resulting void fraction was 
calculated to be:  
ε =1− 1− 0.36( ) 1− 3 mm22.75 mm
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This results in a void volume of approximately 93 cm3. Therefore, the volume ratio of 
reactors 1 and 2 is: 
VR2
VR1
=
93 cm3
10 cm3 = 9.3  
where VR1  and VR2  are the volumes of reactors 1 and 2,respectively. 
The temperature of the packed-bed reactor 2 was maintained at T = 60°C using 
electrical heating tape purchased from Omega Engineering. Current was supplied to the 
electric heating tape using a Staco Energy model 3PN1010B variable autotransformer 
capable of supplying voltages ranging from 0-140 V. Like the preheating vessel, the 
reactor was wrapped with fiberglass insulation to minimize heat loses and help maintain 
a constant temperature. 
 
7.2.4 Temperature and Pressure Measurement 
 Type-J thermocouples were placed at the preheater tube-side inlet and outlet, the 
preheater shell-side inlet and outlet, and the packed-bed reactor inlet and outlet. The 
temperature was monitored using Omega Engineering model HH501BJK temperature 
meters. The total pressure drop across the entire system was measured by two pressure 
gauges, one installed at the inlet to the preheater and a second installed at the exit of the 
packed-bed tubular reactor. 
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7.2.5 Experimental and Sampling Protocol 
Before a given experimental run, each pump channel was primed with either 
methanol or soybean oil triglyceride by drawing liquid through the respective channel 
using a syringe. This ensured no air was stuck in the piston chamber, which results in 
irregular or zero flow. 
At t = 0 minutes, the pump was started, the recirculating pump supplying water 
to the shell side of the preheater was started, and the power to the electric heating tape 
was also started. Volumetric flow measurements, temperature, and pressure readings 
were taken every 5 minutes for the duration of the experiment so that the development 
of steady-state behavior could be determined. 
Valves were placed at the inlet and outlet of packed-bed tubular reactor so that 
experimental samples can be withdrawn. Samples were only withdrawn after the system 
had remained in steady-state operation for at least a time equivalent to the residence 
time within the system. 
It should be noted that two different flow configurations were experimentally 
studied. The first will be termed the co-current upflow – upflow configuration. This 
flow configuration involves pumping the streams co-currently upwards through both the 
preheater as well as the primary packed-bed reactor. The second configuration is termed 
the co-current downflow – downflow configuration, and the streams were fed co-
currently downwards through both the preheater and the primary reactor. A picture of 
the actual experimental setup in the downflow-downflow configuration can be seen in 
Fig. 7.4. A schematic representation of the process is found in Fig. 7.5. 
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7.3 Cocurrent Upflow – Upflow Configuration  
As mentioned, the initial experiments involved feeding the reactant streams co-
currently in an upflow direction through both the preheater/reactor 1 as well as the 
packed-bed reactor. A schematic diagram of this flow pattern can be seen in Fig. 7.6. 
The primary reason for selecting upflow was to ensure the entire reactor volume is 
utilized and filled with liquid and maintain as close to plug flow as possible. Three 
experimental trials were conducted under this flow configuration. In each case, 
however, only the nonpolar phase, consisting of biodiesel methyl esters and unreacted 
glycerides, exited the packed-bed reactor at the top. The polar phase, consisting of 
glycerol, unreacted methanol, and the catalyst, experienced significant phase separation 
and, due to its density and viscosity, flooded the inlet of the reactor vessel. The flooding 
phenomenon was experimentally observed when the valve at the inlet of reactor 2 was 
opened: the contents that were collected consisted predominantly of the polar 
glycerol/methanol phase. As a result of this phase separation, only a small fraction of 
the volume of the tubular packed-bed reactor actually functioned as a reactor in the 
sense that two reactant phases were in contact with each other. In an attempt to have 
both phases flow completely up through the reactor, the pressure was increased over the 
subsequent experimental trials. A pressure up to 28 psi gauge was insufficient to drive 
both phases up through the tubular reactor. While 28 psi is still a relatively low 
pressure, it is already twice the pressure observed inside a CSTR or batch reactor, which 
is approximately 14 psi and based on the vapor pressure of methanol at 60°C.  
The results of these experiments can be found in Table 6.1. The conversion data 
in Table 6.1 shows that when the reactants are fed in the cocurrent upflow - upflow 
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direction there is practically no conversion achieved in the reactor vessel, presumably 
due to the phase separation of the reaction volume. All the conversion is achieved 
during the preheating period. Furthermore, the conversion achieved in this flow 
configuration is essentially around 90%, which, from chapter 5, was shown to occur 
very rapidly. Thus the upflow – upflow configuration is a vastly inefficient method for 
continuous biodiesel production. !
7.4 Cocurrent Downflow – Downflow Configuration 
After the failure of the upflow – upflow configuration, the flow direction was 
reversed to a downflow – downflow configuration, schematically shown in Fig. 7.7. 
One of the advantages of downflow operation with respect to upflow lies in the fact that 
there is no limitation on the flow rates imposed by flooding limits. 108  This fact proved 
true as two phases were collected at the exit of the tubular packed-bed reactor and no 
flooding was observed. The conversion results of a few experimental trials can be found 
in Table 7.2. The transient temperature and pressure data for each of the 3 experimental 
runs listed in Table 7.2 can be found in Figs. 7.8-7.10, respectfully.  
The data indicate that the downflow – downflow configuration provides high 
triglyceride conversions with relative consistency. Due to the fixed volume of the 
tubular reactors, the residence time could only be varied by adjusting the total flow rate 
into the system. From Table 7.2, it can be seen that residence times ranging from 20 
minutes to ~37 minutes were experimentally tested. As would be expected, higher 
conversions were observed with longer residence times. However, from Table 7.2 it can 
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be seen that only approximately 1.2% extra conversion was achieved when the 
residence time was increased from 20 minutes to 37 minutes. 
 From the Ergun equation presented in section 7.1.1, the theoretical pressure drop 
through the packed bed is calculated to be approximately 0.05 psi; hence the pressure 
drop should be negligible. From Figs. 7.8-7.10, it can be seen that the experimentally 
measured pressure drop through the entire system, which includes the pressure drop 
through both reactor vessels (only one of which has a packed bed), was approximately 1 
psi. Therefore it can be stated that the pressure drop through the system is negligible. 
 
7.4.1 Experimental Determination of the Residence Time Distribution 
The experimental and theoretical methods outlined in section 7.1.2 were used to 
determine the residence time distribution through the two cocurrent downflow tubular 
reactors arranged in series. The tracer used was Cibacron Blue 3GA (CB3GA). Due to 
the low solubility of CB3GA in methanol, the RTD experiments were carried out using 
a step experiment with a solution of CB3GA in water. The experimentally determined F 
curve obtained with a flow rate of approximately 2.8 cm3/min can be seen in Fig. 7.11. 
The mean residence time through both tubular vessels was calculated to be 
approximately 37.6 minutes at this flowrate.  
Based on the results in Fig. 7.11, the dimensionless dispersion number was 
calculated to be approximately 0.15. Also shown in Fig. 7.11 are the theoretical 
boundaries of pure plug flow and mixed flow imposed by values of the dimensionless 
dispersion number. From the experimental data points, it is evident that there is some 
deviation from plug flow. It is hypothesized that the deviation from plug flow most 
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likely results from the fact that the first tubular reactor did not contain a packed-bed in 
the traditional sense. Rather, agitation was initiated in the first reactor using a crude, 
laboratory-made, in-line static mixer. Additionally, the tubing connecting the first 
reactor to the second did not contain any packing material whatsoever, thus it is likely 
that dispersion also occurs in this region. 
To test the hypothesis that most of the dispersion occurs in the first reactor, 
which does not contain a packed-bed, as opposed to occurring throughout the entire 
unit, an RTD step experiment was performed on only the packed-bed reactor (reactor 
2). The results can be seen in Fig. 7.12. From this data it is clear that the flow through 
the packed-bed reactor 2 is fairly close to ideal plug flow, with a dimensionless 
dispersion number of 0.01. Thus, based on the results from Fig. 7.11 and 7.12, it is 
evident that most of the dispersion occurs in preheater/reactor 1, the non-packed-bed 
vessel. Therefore, the level of mixing is stronger in the first reactor and weaker in the 
second, this factor is discussed shortly. 
 
7.4.2 Transesterification Tubular Reactor Modeling 
 The RTD analysis showed that flow is relatively close to plug flow through the 
majority of the system. This fact allows the use of plug flow mathematical models to be 
employed to predict the conversion profile through the system. A material balance 
around the system yields: 
F0xTGdXTG = −rTGdV  
where F0  is the total molar flow rate into the system, xTG  is the triglyceride mole 
fraction in the feed. The volume of each reactor is given by: 
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Vi = εiπri2L  
Therefore, the conversion profile along the length of each reactor is given by: 
dXTG
dL =
−rTG εiπri2( )
F0xTG
 
The rate term, −rTG , in the above equation must have units mol volume-1 time-1. 
Therefore, the rate equation developed in Chapter 6 (see Eq. 6.30) can be adjusted so 
that the correct units are obtained: 
−rTG = −
dcTG
dt = k0cTG0
2 exp −βXTG( ) 1− XTG( ) M −3XTG( )  
The above equation can be substituted into the expression for dXTGdL  to yield a final 
equation for the conversion profile through either reactor: 
dXTG
dL Ri
=
− εiπri2( )k0cTG02 exp −βXTG( ) 1− XTG( ) M −3XTG( )
F0xTG
 
The results are shown in Fig. 7.13 for the experimental conditions used in experiment 3 
of Table 7.2. Additionally, the conversion profile was calculated as a function of total 
system volume and is plotted in Fig. 7.14. It should be noted that these conversion 
profiles are meant to be approximate since there is currently no available method to 
experimentally measure the conversion at any location aside from the reactor exits. The 
conversion profiles shown in Figs. 7.13-7.14 predict slightly larger conversions at the 
exit of reactors 1 and 2. This is most likely due to the fact that the mixing inside the 
system is weaker than in a batch reactor system. 
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7.4.3 Hydrodynamics in a Cocurrent Downflow Packed Bed Reactor 
Now that is has been established that running the reactant streams in a cocurrent 
downflow configuration through the packed-bed reactor provides high triglyceride 
conversions, some of the characteristics of the packed-bed reactor and its 
hydrodynamics are discussed. While it is difficult to rigorously define a specific flow 
regime to the liquid-liquid hydrodynamics within the downflow packed-bed reactor, 
basic analysis from a fluid dynamic and transport phenomena background can help 
elucidate some of the hydrodynamics associated with this system. The physical 
properties found in Table 7.3 are used during the subsequent analysis. 
As previously mentioned, an important measure of any flow process is the 
Reynolds number, which is a function of both the density and viscosity of the flowing 
materials. Assuming a pseudo-homogeneous transesterification system, the values of 
the Reynolds number can be calculated by taking a molar average density, ρ , and 
viscosity, µ . When referring to a chemical reactor, however, the density and viscosity 
of the flowing materials are continuously changing as the reactants are converted to 
products. Thus, the Reynolds number is a function of the triglyceride conversion: 
Re p XTG( ) =
ρ XTG( )u0dp
µ XTG( )
 
The results are plotted in Fig. 7.15 for each of the flow rates studied. It can be seen that 
regardless of the flow rate, the Reynolds number is less than 1. Flow processes with Re 
< 1 are termed creeping flow. 109  The implications of creeping flow are that viscous 
forces will tend to dominate the flow process. Also, it can be seen that based on a 
pseudo-homogeneous model, the Reynolds number decreases as the triglyceride 
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conversion increases. This is mostly due to the presence of glycerol, which has a 
significantly higher viscosity than the other components. 
 In section 6.1, it was mentioned that if tubular flow reactors are to be used for 
transesterification reactions, turbulent flow must be induced. Furthermore, it has been 
reported that Reynolds numbers as high as 10,000 are preferred for tubular flow 
reactors. 100  The data in Fig. 7.15 are rather interesting in that they show the 
transesterification reaction can be effectively carried out at rather low Reynolds 
numbers. A favorable consequence of the low Reynolds number flow is that the time 
required to achieve phase separation in downstream processing steps may be reduced 
when compared to more traditional processes. While extensive experiments were not 
carried out, it was observed that the stream leaving the packed-bed reactor separated 
into two distinct phases in less than one minute. The separation of the phases out of the 
mixed-batch reactor took significantly longer. 
Another component of fixed-bed multiphase hydrodynamics is the distribution 
of the phases with respect to each other as well as the packing material. In a CSTR or 
batch reactor system, in which there is no fixed bed and strong mechanical agitation 
present, the nonpolar triglyceride phase (which reacts to form a slightly less nonpolar 
methyl ester phase) behaves as the continuous phase while the polar methanol phase 
(which continuously accumulates glycerol) will be dispersed within the triglyceride 
phase. This occurs based on the volume ratio of the methanol to soybean oil 
triglycerides, previously mentioned to be 0.257. Thus, there is approximately 4 times 
the volume of triglycerides/methyl esters than there is methanol/glycerol. In the tubular 
packed-bed flow reactor, however, the mixing is significantly less than in a batch or 
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CSTR system, as validated by the low Reynolds numbers and lack of mechanical 
agitation. Therefore, it is likely that the dispersal of the methanol/glycerol phase within 
the triglyceride/methyl ester phase is less prominent than in the CSTR or batch reactor 
system. It is more likely the physical properties of the components, such as viscosity 
and density, control the hydrodynamics. This, again, is evident by the creeping flow 
regime. Furthermore, since phase separation was observed in the upflow experiments, it 
is highly likely that some form of phase separation also occurs in the downflow 
configuration. The reason phase separation is not as noticeable in the downflow 
configuration is because it does not result in reactor flooding. Thus, given the present 
considerations, two questions arise: 
 
(1) How do the two phases flow with respect to one another and the packing 
material? 
 
(2) Given the low level of mixing and strong probability of phase separation, 
why are high triglyceride conversions still achieved in the downflow 
packed-bed reactor? 
 
To address the first question, the analysis of the flow of two immiscible fluids 
with different viscosities through a pipe given by Joseph et al. will be considered. 110, 111  
With surface tension present, there are two predominant possible flow configurations 
that can emerge. The first configuration contains the more viscous fluid at the core of 
the pipe while the less viscous fluid encapsulates it and flows around the outer region of 
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the pipe; such flow is termed lubricating flow. The second configuration is the reverse 
of the first, in which the less viscous fluid flows at the core and is encapsulated by the 
more viscous fluid, which flows through the outer portion of the pipe; this flow is 
termed fingering flow. A schematic of each flow pattern is shown in Fig. 7.16. 
Experiments with pipe flow have shown that regardless of the initial conditions, the less 
viscous fluid will eventually encapsulate the more viscous fluid. 110, 111  This is most 
often attributed to the viscous-dissipation principle, which states that the flow chooses 
and interface that minimizes viscous dissipation for a given flow rate, or, alternatively, 
maximizes the volume flux for a given pressure gradient. Therefore, such systems tend 
to develop in the direction that results in lubricating flow. 
Returning to the transesterification reaction system, it is known that if phase 
separation occurs in the downflow packed-bed reactor, one phase will be predominantly 
composed of methyl esters and any unreacted glyceride-based species while the other 
phase consists mostly of methanol and the by-product glycerol. Based on the physical 
properties shown in Table 7.3, it is evident that the more viscous phase will be the 
methanol/glycerol phase due to the high viscosity of glycerol. Thus, based on the 
viscous-dissipation principle, it is hypothesized that over time the more viscous 
glycerol/methanol phase will tend to be encapsulated by the less viscous methyl ester 
phase in a manner similar to that shown in Fig. 7.16(a). Since the reactor is packed with 
nonporous spherical beads, it is possible that a lubricating-flow configuration would 
slowly develop through each of the multiple channels formed by the packing particles. 
Next, the second question, which addressed the possible reasons for high 
triglyceride conversions despite the low levels of mixing and phase separation, is 
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considered. First, recall that in the batch reactor experiments it was established that the 
glycerol inhibits the reaction rate by accumulating in the methanol phase. Under the 
ideal and strong mixing found in the batch reactor, the glycerol becomes 
homogeneously distributed within the polar methanol phase very rapidly. In the packed-
bed reactor, however, the lack of turbulence suggests that it is possible that the glycerol 
may not be distributed homogeneously throughout the primary reaction volume. It has 
already been hypothesized that the more viscous glycerol/methanol phase will partition 
to the center of the channels as the less viscous methyl ester phase encapsulates it and 
flows around the packing materials. Focusing now on this encapsulated, viscous, 
glycerol/methanol phase, it is not difficult to imagine similar phenomena associated 
with the viscous-dissipation principle occurring inside this phase. As the glycerol is 
formed, it remains partitioned nearly exclusively in this phase. Thus, based on the 
viscous-dissipation principle, coupled with the fact that there is no turbulence, it is 
hypothesized that the glycerol gets forced to the center of the polar methanol phase and 
forms a gradient, in the radial direction, with the most glycerol concentrated at the 
center of the phase and less glycerol near the interface of the two phases. If this were to 
occur, there would be a region of relatively glycerol-free methanol near the interface of 
the two phases. This would allow unreacted triglycerides access to the primary reaction 
volume and would, in a sense, reduce some of the inhibitory effects caused by glycerol. 
Thus, under such conditions, the reaction would be confined to the area near the 
interface of the two phases as opposed to the entire volume of the methanol phase. 
While this is clearly only a hypothesis, such phenomena may help explain the 
effectiveness of the downflow packed-bed tubular reactor.  
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Figure 7.1 (a) Schematic representation of the step tracer experiment for obtaining the 
RTD and (b) the relationship between the F and E RTD curves (reprinted from 
Levenspiel, O.; Chemical Reaction Engineering, 3rd Ed. 1999; copyright John Wiley & 
Sons). 87  
  
(a) 
(b) 
!! 216!!
 
 
Figure 7.2 Eldex AA-125-VS dual channel pump. 
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Figure 7.3 Schematic of braided steel wire bundle used as a static mixer in the 
preheater. 
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Figure 7.4 Laboratory apparatus for continuous biodiesel production (shown in 
downflow-downflow configuration). 
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Figure 7.5 Schematic representation of laboratory apparatus for continuous biodiesel 
production (depicted in downflow-downflow configuration). 
  
!! 220!!
 
 
Figure 7.6 Schematic representation of laboratory apparatus for continuous biodiesel 
production in the concurrent upflow – upflow configuration. 
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Figure 7.7 Schematic representation of laboratory apparatus for continuous biodiesel 
production in the concurrent downflow – downflow configuration. 
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Figure 7.8 Temperature (°C) and pressure (psi) data for cocurrent downflow - 
downflow experiment #1 (refer to Table 7.2 for experimental conditions). 
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Figure 7.9 Temperature (°C) and pressure (psi) data for cocurrent downflow - 
downflow experiment #2 (refer to Table 7.2 for experimental conditions). 
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Figure 7.10 Temperature (°C) and pressure (psi) data for cocurrent downflow - 
downflow experiment #3 (refer to Table 7.2 for experimental conditions). 
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Figure 7.11 Experimentally obtained F curve through two tubular flow reactors in 
series (flowrate = 2.8 cm3/min; D/uL = 0.15). 
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Figure 7.12 Experimentally obtained F curve through packed-bed reactor 2 (flowrate = 
2.8 cm3/min; D/uL = 0.01). 
  
0!
0.1!
0.2!
0.3!
0.4!
0.5!
0.6!
0.7!
0.8!
0.9!
1!
0! 0.5! 1! 1.5! 2! 2.5! 3!
F 
= 
c s
to
p /
 c
m
ax
!
D
uL =1
D
uL = 0
τ
τm
D
uL = 0.01
!! 227!!
 
 
Figure 7.13 Theoretical triglyceride conversion profile as a function of total combined 
reactor length (reactor 1 and reactor 2) through the system for continuous biodiesel 
production. 
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Figure 7.14 Theoretical triglyceride conversion profile as a function of total combined 
reactor volume (reactor 1 and reactor 2) through the system for continuous biodiesel 
production. 
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Figure 7.15 Reynolds number (Rep) as a function of triglyceride conversion, 
XTG. 
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Figure 7.16 Possible orientation of two immiscible fluids with different viscosities 
flowing through a pipe. 
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Table 7.1 Cocurrent upflow - upflow fixed-bed reactor experimental results. 
 
Experiment FSBO (cm3/min) 
FMeOH 
(cm3/min) 
Pressure 
(psi) XTG,in XTG,out 
τR 
(min) 
1 2.21 0.57 0 88.4 89.4 37.0 
2 2.17 0.54 21 89.9 93.9 38.0 
3 2.17 0.54 28 89.8 89.9 38.0 
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Table 7.2 Cocurrent downflow - downflow fixed-bed reactor experimental results. 
 
Experiment FSBO (cm3/min) 
FMeOH 
(cm3/min) 
Pressure 
(psi) XTG,in XTG,out 
τR 
(min) 
1 2.20 0.55 14 88.5 97.2 37.5 
2 3.08 0.79 14 77.8 96.4 26.6 
3 3.93 1.06 14 77.3 96.0 20.6 
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Table 7.3 Physical properties of components in transesterification reactions (T = 60°C). 
 
Component Density (g/cm3) Viscosity (cP) 
Soybean oil triglycerides 0.894A 16.1B 
Methanol 0.753C 0.360D 
Methyl oleate 0.845E 2.64E 
Glycerol 1.236F 81.3F 
 
References:  A:  112  ; B:  113  ; C:  107 ; D:  114 ; E:  115 ; F:  116  
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Chapter 8 
 
 
Conclusions and Future Work 
 
 
 
8.1 Conclusions 
 The major conclusions of The Phase Behavior Effect on the Reaction 
Engineering and Reactor Design for Continuous Biodiesel Production are as follows: 
 
(1) The analysis of transesterification reaction mixtures can be achieved 
using high performance liquid chromatography. The major advantage 
of using liquid chromatography as opposed to gas chromatography is 
that sample derivatization is not required. 
(2) The effect of the phase behavior on the reaction kinetics of 
transesterification reactions was thoroughly invested. An 
experimental apparatus was designed specifically for investigating 
the two-phase nature of the reaction system. By monitoring the 
composition of the methanol phase, which is the primary reaction 
volume of the two-phase system, it was experimentally observed that 
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the reaction rate accelerates upon a transition from two-phases to a 
single phase, or pseudo-single phase, system. This occurs because 
the triglyceride concentration in the methanol phase is initially very 
low. It was shown that the rate of triglyceride mass transfer and the 
solubility of triglycerides in the methanol phase increase with 
increasing methyl ester concentration. A phase transition from two-
phases to a single phase eventually occurs at some critical methyl 
ester concentration. 
(3) The effect of the by-product glycerol on the reaction kinetics was 
also investigated. It was found that at low methanol to triglyceride 
molar ratios the methyl ester yield is limited by glycerol inhibition. It 
was shown that the triglyceride solubility in methanol decreases with 
increasing methyl ester concentration. Therefore, at high glycerol 
conversions, which occur at low molar ratios and after a triglyceride 
conversion of XTG > 0.8, the triglycerides are excluded from the 
methanol phase and the reaction rate rapidly decreases. At high 
molar ratios, the increased methanol content dilutes the glycerol 
concentration and greatly reduces the observed reaction rate. 
(4) Based on the assumption of a pseudo-homogeneous reaction system, 
the theoretical comparison of different types of chemical reactors for 
continuous biodiesel production was carried out. The inhibitory 
effects of glycerol result in the requirement of large reactor volumes 
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if a CSTR is to be used. The reaction volume can be significantly 
reduced using a PFR. 
(5) The effectiveness of using a packed-bed reactor for continuous 
biodiesel production was experimentally investigated. A series of 
two tubular flow reactors were built in the laboratory. The first vessel 
also functioned as a preheater. The second vessel, approximately 9 
times the volume of the first, functioned as a packed-bed tubular 
reactor. Two different flow configurations were investigated, upflow 
and downflow. It was experimentally determined that the downflow-
downflow configuration was more effective than an upflow-upflow 
configuration. 
8.2 Future Work 
 While the feasibility of using a downflow packed-bed tubular flow reactor has 
been successfully demonstrated, the process should still be optimized. The optimization 
procedure would ultimately involve the determination of the reaction pathway, as 
briefly discussed in section 5.9. As mentioned, the reaction pathway can be calculated 
once a quaternary phase diagram is created. The optimization of the downflow tubular 
reactors in series could be best optimized using the optimal reaction pathway.  
 Future work will also consist of investigating the efficiency of different packing 
materials. The packing could be optimized in regards to conversion achieved and its 
effectiveness of maintaining plug flow. Additionally, the residence time distribution 
experiments should ideally be carried out using a two phase system. In theory, two 
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separate tracer compounds would best describe the complete residence time distribution 
within the reactor. For example, a polar dye can be used for tracer experiments in the 
methanol phase while a nonpolar dye can be used in the triglyceride phase. A step 
experiment would then generate two F curves. Ideally, the F curves would be similar, 
but since very little information is presently known in regards to how one phase flows 
with respect to the other, it is unknown exactly how they will relate to once another. 
Perhaps one phase experiences more dispersion than the other. 
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